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Abstract

The scale of operation of freely suspended animal cell culture has been increasing and in order to meet the demand
for recombinant therapeutic products, this increase is likely to continue. The most common reactor types used are
stirred tanks. Air lift fermenters are also used, albeit less commonly. No specific guidelines have been published
for large scale (≥10 000 L) animal cell culture and reactor designs are often based on those used for microbial
systems. However, due to the large difference in energy inputs used for microbial and animal cell systems such
designs may be far from optimal. In this review the importance of achieving a balance between mixing, mass
transfer and shear effects is emphasised. The implications that meeting this balance has on design of vessels and
operation, particularly in terms of strategies to ensure adequate mixing to achieve homogeneity in pH and dissolved
gas concentrations are discussed.

Abbreviations:CIP, clean in place; SIP, sterilize in place; FCS, Foetal calf serum; CHO, Chinese hamster ovary;
BHK, Baby hamster kidney; PBS, phosphate buffered saline.

Introduction

There is a steadily increasing number of licensed ther-
apeutic proteins derived from mammalian cells and
an even larger number in clinical development. De-
pending on the application and dose level, some of
these proteins may be required in very large quanti-
ties (possibly hundreds of kg per year). This presents
a challenge to produce the proteins in the required
quantities cost effectively, leading to an emphasis on
increasing the scale and/or volumetric throughput of
fermenters and on process optimisation.

Whilst there is emerging competition to the animal
cell culture method for producing therapeutic pro-
teins including e.g. gene therapy and cellular therapies
(Cooney, 1995) and the use of transgenic animals, the
fact that in 1995 half of the $5 billion annual turnover
of the biotechnology industry was based on therapeu-
tic production from animal cell culture emphasises the
importance of this sector (Cooney, 1995).

Several reviews covering broad aspects of scale up
of animal cell culture have been published (e.g. Bliem
and Katinger, 1988a, b; Van Brunt, 1988; Horvarth,
1989; Nelson, 1988a, b; Werner, 1994). There are also
many papers/reviews which address the issue of scale
up criteria for bioreactors in general. However, there
has been very little consideration of the important bal-
ance between mixing and mass transfer requirements
and shear sensitivity of cells in the design of very large
scale systems. This is extremely important as it has im-
plications for the maximum feasible scale of operation
for animal cell culture fermenters. It is also an im-
portant consideration in designing reactors which will
function at the high cell densities now being achieved
as a result of modern fed batch and perfusion strate-
gies. The essential requirements for selecting a cell
culture system are: aseptic operation; mixing without
damaging shear sensitive cells; sufficient gas transfer
(particularly oxygen and carbon dioxide); ease of scale
up; ease of process control and automation; and com-
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patibility with upstream and downstream processes
(Birch et al., 1985).

In this review, relevant aspects of scale up and
reactor design are summarised. The necessary basic
principles of mixing, mass transfer and shear as ap-
plied to animal cell culture are included. A detailed
discussion of current design and use of stirred and air
lift fermenters is provided, dealing in particular with
important design issues relating to successful scale up
of these fermenters for large scale suspension culture
of animal cells.

Scale Up

Operating/production volumes for freely suspended
batch or fed batch stirred tank animal cell culture re-
actor of 8–10 m3 (Pullen et al., 1985; Phillips et al.,
1985; Nelson, 1988a, b) and 15 m3 (Werner, 1994)
have been reported. In addition to batch and fed batch
systems, large scale continuous (perfused) systems are
also operated (e.g. Werner, 1994).

The scale of reactor required to meet a particular
demand depends on the reactor system used, the pro-
ductivity of the cell line and the quantity of product
required. Monoclonal antibodies used in diagnostic
kits will be at the lower end of the scale, whilst some
therapeutic proteins may be required in quantities of
kilograms per year (hundreds of kg yr−1 in some
cases) and, if producers are to benefit from economies
of scale, may need to be produced at scales much
larger than those currently used i.e.>10 000 L. Suc-
cessful cost effective scale up is paramount if times to
market and costs for new products are to be kept to a
minimum.

The main aims of scale up are similar product
quality and yield at various scales of operation with
bioreactor productivity (mg product L−1 day−1) being
used to measure success of scale up. In order to max-
imise productivity at a range of scales of operation, it
is essential to: (i) achieve satisfactory and predictable
mixing in terms of gas liquid dispersion, suspension of
solids and homogenisation of components (homogeni-
sation of components must be sufficient to ensure
biochemical and physiological homogeneity (Votruba
and Sobotka, 1992); (ii) achieve satisfactory and pre-
dictable mass transfer of gases (particularly oxygen
and carbon dioxide) and nutrients and (iii) prevent cell
damage and minimise adverse alterations to cell phys-
iology. Successful scale up should also be achieved in

a minimum time period and should offer cost savings
and competitive advantage (Reisman, 1993).

Therefore when scaling up a process, there are a
number of issues that need to be considered, includ-
ing mixing, mass transfer, shear and pressure effects.
These factors will be introduced below, before dis-
cussing scale up criteria and design of specific reactor
types at large scale.

Mixing

Mixing can be defined and measured by a wide num-
ber of means. Mixing times provide useful information
in terms of time taken for a degree of homogeneity to
be reached. Measurements of mixing time are gener-
ally made by measuring the response to injection of
a measurable entity (salt, acid or base) in a pulse or
step addition. Change in conductivity, pH or concen-
tration with time is then recorded. 95% mixing time
is the time taken for the value of e.g. conductivity or
concentration to reach 95% of its final value. Analysis
of response curves to injections of tracers provides in-
formation not only regarding circulation time but also
concerning dispersion of the tracer during circulation.
A wide number of methods can be used for analysing
tracer response curves (e.g. Lu et al., 1994). Also
of relevance are fluctuations arising from additions of
e.g. basic solutions.

The Bodenstein number (Bo) has been used to
compare mixing in different regions in reactors and is
a measure of longitudinal mixing. The Bo number is a
dimensionless number (Lv/D1 where L = characteris-
tic length (recirculation length), v = average velocity
and D1 = axial diffusivity). The Bo number essentially
provides a measure of dispersion during circulation.
When the Bo number approaches zero, the reactor be-
haviour approaches that of a completely stirred tank;
when Bo approaches infinity, the reactor behaves as
an ideal plug flow reactor. The Peclet number (Pe) is
also used to characterise mixing and is defined as Pe
= vD/D1 (D = tank diameter). Bo and Pe numbers
have been used to characterise mixing in a number
of reactor types including stirred tanks and air lift
reactors.

In general, achieving an even distribution of mass
and energy becomes more difficult as scale increases.
Mixing is a particularly important issue for animal
cells, since they are known to be much more sensitive
to shear than microbial cells and this sensitivity can
impose limits on operational conditions for animal cell
reactors. Until recently however, it was thought that
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the relatively low substrate consumption rates (com-
pared with microbial systems) and low rates of change
in pH or temperature meant that mixing and circu-
lation times should be much less critical in animal
cell culture, particularly when grown freely in suspen-
sion. It had been assumed that agitation rates need
therefore only be sufficient to keep cells in suspen-
sion, with aeration set by altering gas sparging rate
(Bliem and Katinger, 1988b). However, it has become
increasingly apparent that pH gradients, dispersion
of nutrients, waste products and gas dispersion (both
oxygen and carbon dioxide) are of particular impor-
tance (Wayte et al., 1997; Nienow et al., 1996). Gas
dispersion can be quite important for removal of car-
bon dioxide (produced by metabolism) from solution,
and, if dispersion is poor, carbon dioxide concentra-
tion, with its adverse effects, can build up. Tramper
(1995) calculated the extent of oxygen gradients in an-
imal cell bioreactors (stirred vessels, bubble columns
and air lift reactors) at a scale of 10 m3. Oxygen
gradients in the bulk liquid phase and in the stag-
nant layer surrounding the air bubbles were often quite
severe; indeed these gradients were greater than gra-
dients found in stagnant layers surrounding particles
(cells and/or microcarrier particles).

There have been many attempts to measure mix-
ing in stirred tanks and air lift reactors, and these
are described in detail for each reactor type below.
In general, mixing in continuous systems is much
better understood than that in batch systems (Wang
and Mann, 1992) even though for animal cell culture,
batch systems are by far the most common.

Zhang and Thomas (1993) state that hydrodynam-
ics in bioreactors have been studied extensively and
that energy dissipation rates, mean velocity, turbu-
lence intensity distributions and energy spectra within
bubble columns and stirred tanks have been reported
by many workers. However, this does not apply to
conditions used for large scale animal cell culture i.e.
very low power dissipation rates.

Mass transfer

Mass transfer and distribution of gases, nutrients and
toxic products is important in animal cell cultures.
In terms of gas transfer, transfer of oxygen and car-
bon dioxide are important processes particularly when
carbon dioxide is used for pH control. Oxygen re-
quirements will be cell line dependent, typically be-
ing in the range 0.05–0.5 mmol oxygen L−1 hr−1

for 106cells mL−1 for human cells (Fleischaker and

Sinskey, 1981) and given as 0.1–2.5 mg.108 cell−1

hr−1 for a range of industrially relevant cell lines by
Aunins and Henzler (1993). The gas transfer rate is
given by:

Gas transfer rate= kLa(C∗ − C) (1)

where kLa is the overall mass transfer coefficient, C
is the concentration of dissolved gas and C∗ is the
saturation concentration of the dissolved gas.

For microbial systems, there are a wealth of em-
pirical correlations relating kLa or kL to power input:
these are of the following general form:

kLa = c

(
P

V

)m

Un
s (2)

where P/V is power input per unit volume of disper-
sion, Us is the superficial gas velocity and c, m and n
are empirical constants.

Bliem and Katinger (1988b), Reuss (1993), Asai et
al. (1992) and Chisti and Moo Young (1987) provide
good overviews of correlations for kLa for a range of
geometries of air lift and stirred tank reactors with dif-
ferent physical properties of solution. However, most
of the correlations available have been derived for oxy-
gen kLa in microbial fermentations at high agitation
speeds and are not generally appropriate for animal
cell culture systems.

The overall mass transfer coefficient is a func-
tion of the physical properties of the liquid phase
and it has been shown that kLa can vary by up to
50% depending on medium composition (Dorresteijn
et al., 1994). There are many methods for measur-
ing kLa including on line measurements and these
are described in depth elsewhere in the literature (e.g.
Dorresteijn et al., 1994; Reuss, 1993). New methods
are continually being developed to predict and control
oxygen and carbon dioxide mass transfer in bioreac-
tors. For example, Smith et al. (1990) have developed
such a strategy and demonstrated that it was capable
of controlling dissolved gas concentrations in studies
involving Catharanthus roseusplant cells.

The means of injecting gas into fermenters may
affect the mass transfer rate, as it will influence the
interfacial area available for mass transfer. For small
scale cultures, oxygen transfer through the liquid sur-
face is generally adequate. Various researchers (e.g.
Hu et al., 1986) have shown that surface aerators can
be used to improve oxygen transfer without causing
cell damage as a result of shear effects at the liq-
uid surface, however this is only of use for small
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scale reactors; as scale increases additional means of
gas injection must be used to meet mass transfer re-
quirements. The usual methods used to introduce gas
include: gas permeable membranes and direct sparg-
ing with air or oxygen (or enriched air). Other methods
suggested at small scale, but impracticable at large
scale include (i) pure oxygen sparging within a vi-
brating wire gauze oxygenator (Katinger, 1979) and
(ii) in situ generation of oxygen using, e.g., hydrogen
peroxide and the enzyme peroxidase. Oxygen transfer
can be increased by adding oxygen complexing agents
to the medium e.g. modified haemoglobin or fluo-
rocarbon oils. However, this provides an additional
expense, can cause problems in downstream process-
ing (Katinger et al., 1979) and is not known to be used
industrially.

Moreira (1995) provides a comparison between
oxygen transfer by different aeration methods i.e. sur-
face, sparger and membrane aeration. Correlations for
power as a function of Reynolds number, bubble size
for each sparger design and kLa are reported for each
method. Surface aeration was found to be applicable
only for small volumes with the highest kLa found for
sparged aeration. The effect of the addition of com-
monly used polymers such as Pluronic F-68 on mass
transfer was also considered; the addition of Pluronic
was found to reduce kLa. Chisti (1993) describes a
300 L fermenter (with one marine impeller) scaled
up from 20 L for growth of hybridoma cells. Two
sparger designs were considered: porous metal sparg-
ers (180–200× 10−6 m) and larger (>0.001 m) multi
hole spargers. The larger spargers were found to be
preferable mainly due to foaming problems caused by
the porous metal spargers.

The design of some gas injection methods has fo-
cused around the perceived need to achieve complete
bubble dissolution before the bubbles reach the sur-
face; therefore reducing any cell damage as bubbles
collapse at the liquid surface. Other methods are de-
signed to provide gas liquid transfer without producing
air bubbles e.g. gas permeable membranes and vibrat-
ing silicone tubes (Monahan and Holtzapple, 1993).
However, there are some disadvantages of membrane
diffusion, including difficulties in maintenance e.g.
CIP (clean in place) and SIP (sterilise in place), par-
ticularly at larger scale (Moreira, 1995). One inherent
disadvantage of such systems is that the reduced in-
terfacial area means that dissolution of CO2 from the
solution to the gas phase will be limited with a conse-
quent build up of dissolved CO2, which, as discussed
below, can be a significant process problem.

Interfacial area (a) will also obviously affect kLa.
Zhang et al. (1992) measured oxygen transfer rates in
aerated animal cell bioreactors as a function of bubble
diameter. Three ranges of bubbles were studied 5 mm,
1 mm and 100µm in diameter. Oxygen transfer rates
increased as the size of bubbles decreased. The ef-
fects of additives including new born calf serum and
Pluronic F-68 were found to depend on the size of
the bubbles. Although it is known that bubble coales-
cence is important, as it affects bubble size and hence
interfacial area and kLa, the effect of fluid properties
including surface properties is still not well established
(Reuss, 1993).

There are a range of correlations available for pre-
dicting bubble size at the sparger. As the gas flow
rate increases four regimes of bubble formation can be
seen: separate bubble formation, chain bubbling, jet
regime and the turbulent regime. The jetting regime
is only approached at Reynolds number (Re)>2000,
where Re is for gas flow through the orifice. It is un-
likely that this regime is ever approached for gas flow
rates and spargers used for animal cell cultures. There-
fore the separate bubble formation and chain bub-
bling regimes are most relevant. For separate bubble
formation:

dvs = 1.7

{
σdo

1ρ g

}1/3

(3)

where dvs = Sauter mean diameter,σ = surface ten-
sion, do is orifice diameter,1ρ is density difference
and g is gravitational acceleration.

For the chain bubbling regime:

dvs = 1.17v0.4
o d0.8

o g−0.2 (4)

where vo is the gas velocity at the sparger. Equations
have been proposed for bubble size for turbulent flow
(generally stirred sparged vessels) far from the sparger,
both for non coalescing and coalescing solutions (e.g.
Parthasarathy et al., 1991; Machon et al., 1997). How-
ever, at the low gas flow rates and low agitation rates
used in animal cell culture, the bubble size far from the
sparger is likely to be equal to the bubble size at the
sparger. Bubble sizes will generally be in the region of
4–6 mm.

The partial pressure of metabolically produced car-
bon dioxide (pCO2) and hence mass transfer of carbon
dioxide from solution to the gas bubbles is important
in animal cell culture. Rises in pCO2 can cause rises in
H2CO3 and hence a drop in pH. pCO2 must therefore
be carefully monitored and controlled and the effect
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of scale up on this parameter considered. This is par-
ticularly important since carbon dioxide is often used
for pH control and control of the ratio of CO2/HCO3−
is critical over a narrow range. High levels of dis-
solved carbon dioxide can have an adverse effect on
cells. Aunins and Henzler (1993) provide a useful ac-
count of oxygen and carbon dioxide gas transfer in cell
cultures.

Shear

There have been a great number of studies of the shear
sensitive nature of cells, because of the obvious impli-
cations for reactor design and operation. There are a
number of reviews published in this area, dealing with
both freely suspended cultures and anchorage depen-
dent cells, e.g. Papoutsakis (1991). There have been
many suggestions of the reasons and locations of cell
damage resulting from agitation and aeration in biore-
actors. For example Leist (1990) listed the following
possible causes of cell damage: direct collisions of
cells with stirrers or baffles; pressure differences be-
tween front and back side of impellers; turbulence
mediated by differences in vector length of the vector
field of non laminar flow and micro eddies with mean
diameter smaller than the cellular diameter. However,
the general conclusion from the wealth of research lit-
erature in this area is that there are two main potential
causes of cell damage.

Firstly, it has been proposed by several authors
that cell damage is likely when the Kolmogorov eddy
size is similar to or smaller than the cell size itself
(Papoutsakis and Kunas, 1989; Kunas and Papout-
sakis, 1990). However, doubt has been thrown on this
by several researchers. Kioukia et al. (1992) carried
out a range of batch cultures in baffled and unbaffled
bioreactors (head space aeration and air sparged) and
found that the most important region for cell damage
was the bubble disengagement region; the more fre-
quently cells passed through this region the greater the
cell damage. Kioukia et al. (1992) claimed that use of
Kolmogorov’s theory of turbulence to explain damage
could be misleading.

Secondly it has been proposed that cell bubble in-
teractions are responsible for cell damage; there being
3 main regions where damage may occur:

i) bubble generation region (including region where
impeller induces coalescence and break up),

ii) bubble rising region,
iii) bubble disengagement region.

Recent research indicates that bubble rising generally
has little effect on cell death/damage (e.g. Michaels
et al., 1996) and that the major influences are bubble
generation and bubble bursting, with bubble bursting
being the most important event (Kioukia et al., 1992;
Cherry, 1993; Jobses et al., 1991).

Some researchers have proposed that both of the
reasons above are important and that the actual cause
of damage will be dependent on conditions. For ex-
ample Kunas and Papoutakis (1990) proposed that
for a particular hybridoma cell line, at high speeds
(>700 rpm) damage was a result of micro scale tur-
bulent eddies, whilst at lower speeds gas entrainment
and break up were the major factor. In recent years
there has been fundamental work to actually quantify
the effect of bubble rupture on cells (e.g. Trinh et al.,
1994). Other researchers have gone further and pro-
posed models for cell inactivation in the presence of
bubbles formed as a result of agitation and air sparging
(Yang et al., 1992).

The exact process conditions at which damage be-
gins will depend on many factors including reactor
geometry and resistance of the specific cell line to
shear. Cherry (1993) reported that for a hybridoma
cell line, agitation speeds of up to 700 rpm did
not harm cells when no air was present. Similarly,
Chalmers (1994) reported that hybridomas can with-
stand speeds of 100–450 rpm in 1 L bioreactors,
and it was only when air was introduced that cell
damage occurred and indeed, when the air liquid in-
terface was removed from the top of vessel, speeds
of up to 700 rpm could be used with no cell dam-
age. Leist (1990) gives tolerances of several cell lines
to shear; human melanoma cells in serum-containing
medium (5%FCS) were found to exhibit stress effects
at >1.5 ms−1 stirrer tip speed, whereas CHO cells
in serum containing medium (10%FCS) could only
tolerate tip speeds of<1 ms−1. Nelson (1988a) re-
ported operation at 13000 L with agitator speeds of
500 rpm (6 m s−1 tip speed) with no measured adverse
effects on a hybridoma cell line; he claimed that shear
damage is generally overstated. There have been many
other reports of the effect of tip speed and sparging on
cell damage including those reviewed by Reuveny and
Lazar (1989) and Gardner et al. (1990).

It is clear that shear sensitivity of cells varies from
one cell line to another. However, several researchers
including Bliem and Katinger (1988b) have found that
a number of industrially relevant cell lines used at
large scale are relatively insensitive to shear, including
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e.g. BHK 21, Namalwa, Vero, and some CHO lines
and a range of hybridoma lines.

Various designs of both aeration method and im-
pellers have been proposed to reduce damage to cells.
As discussed above, bubble free aeration is possible at
a small scale, however, as scale increases, other means
of introducing gas into the reactor are needed. Im-
pellers have been specifically designed in an attempt
to overcome this problem i.e. to give reduced mix-
ing times at low agitation rates and low shear stress
Moreira et al. (1995) (this is discussed further below).

The phase of growth can also be important in
terms of the effect of shear. In viscometric and biore-
actor studies it has been found that: i) the state of
the inoculum (i.e. whether it is actively or slowly
growing) influences a cell’s ability to withstand shear
forces, ii) cells are more fragile in stationary and lag
phases, with the robustness of cells increasing dur-
ing the exponential growth phase, iii) cells grown in
well agitated cultures are less sensitive to shear than
cells grown in stationary or slowly agitated cultures;
iv) cells are more shear sensitive when exposed for
long periods to an inhibitory environment e.g. high
ammonia concentrations and v) low pH makes cells
more shear sensitive (Reuveny and Lazar, 1989; Leist,
1990; Bleim and Katinger, 1988b). For agitated tanks
there have been several reports that the time at which
agitation is increased has an effect on the shear sensi-
tivity of cells (Papoutsakis and Kunas, 1989). Other
factors that may have an influence on cell damage
include i) fluid temperature ii) extent and nature of
container surfaces iii) concentration of cells and iv) de-
formation and stress history of the sample (Cherry and
Papoutsakis, 1990).

Several equations have been proposed for cell
death resulting from contact of cells with bubbles
which are unsaturated with surfactants e.g.:

kd = 4FX′

πD2H
= F

V
X′ (5)

where kd is the death rate, F is gas flow rate, V is reac-
tor volume, X′ is a hypothetical killing volume and H
is the reactor height (Tramper et al., 1987). From this
equation, it can be seen that cell death should increase
as F/V increases and therefore it is important to max-
imise mass transfer from bubble to liquid to minimise
gas flow rate per unit volume.

Relationships have also been derived for cell death
rates in bubble columns, for example: Jobses et al.

(1991) proposed the following equation

kd = QG

T2H
(6)

where QG is the volumetric gas flow rate, T is impeller
diameter and H is reactor height.

Kioukia et al. (1992) developed this further to take
account of bubble diameter

kd α
Q4/3

G

T1/3H d3
b

(7)

where db is bubble diameter. This latter equation indi-
cates that death rate should increase with aeration rate;
whilst increases in diameter and height should reduce
cell damage and that smaller bubbles cause more dam-
age; this has implications for reactor choice. Other re-
searchers have also proposed correlations and models
for cell death rates (notably Wang et al., 1994); how-
ever, a detailed discussion is beyond the scope of this
review. Recently, there have been reports of research
aimed at establishing the mechanism of cell death in
bioreactors. For example Al Rubeai et al. (1995) have
reported two mechanisms of cell death namely apop-
tosis and necrosis, dependent on the energy dissipation
rates to the system.

Work on mechanical properties of the cells is im-
portant e.g. choice between different cell lines which
can produce the same product, could be made on a
basis of cell strength. Born et al. (1992) have pro-
posed that the use of micromanipulation of animal
cells in laminar shear stresses can be used to pre-
dict susceptibility of cells to shear damage in complex
flows found in bioreactors. Measurements which can
be made include: mean bursting tension, mean com-
pressibility and mean diameter. Zhang et al. (1993)
give such values for 3 cell lines (murine hybridoma,
NS1 myelomas, SF9 insect cells). Zhang and Thomas
(1993) describe the use of micromanipulation for these
measurements and a theoretical model to calculate
properties characteristic of cells. Damage is consid-
ered by Zhang and Thomas (1993) to be disruption of
cells, not other possible effects of shear e.g. reduction
in DNA synthesis and cell division are not considered.

It is also important to remember that shear may
not only cause cell death but may also effect, for ex-
ample, fluid mixing, cell suspension, mass transfer,
product formation, cell growth and cell to cell or cell
to substrate adhesion (Bliem and Katinger, 1988b).

When considering the effect of shear, it is impor-
tant to be able to measure and quantify the shear that



183

cells are subjected to. Tramper et al. (1993) give a
good review of the quantification of a range of relevant
shear rates for bioreactor studies including e.g. time
averaged shear rate, maximum averaged shear rate,
maximum shear stress etc. for stirred tank reactors and
provides details of shear stresses at the critical stirrer
speed for insect cells in suspension. Air lift bioreac-
tors are also considered with estimates given for local
shear. Tramper et al. (1993) found it difficult to find
methods for calculating shear stresses in an air lift re-
actor that allowed correlation with viability of insect
cells, a particular case they considered in this reactor
type.

The above discussion regarding the effect of shear
on animal cell culture mainly applies to freely sus-
pended cultures. Cherry and Papoutsakis (1990) have
written a good review of fluid mechanical stresses for
anchorage dependent cells.

Pluronic surfactants (polymers of poly(oxyethylene)
and poly(oxypropylene)) are often used as protec-
tive agents in serum free medium and can also be
added to reduce foaming and provide additional pro-
tection in medium containing serum. Leist (1990) dis-
cusses the effect of serum and polymers in protecting
against damage to cells by agitation and/or sparg-
ing. Serum was found to provide protection against
sparging, but also enhanced foaming. Cherry and Pa-
poutsakis (1990) have shown that concentrations of
up to 10% foetal bovine serum reduce cell death and
allow growth at much higher agitation rates in biore-
actors with surface aeration; it is not clear if this is
a protective effect or a result of faster cell growth
stimulated by the presence of serum. Indeed protec-
tive effects of a large number of surfactants have been
investigated recently (e.g. Van der Pol, 1992, 1993,
1995). Zhang and Thomas (1993) considered how
medium additives are effective in preventing cell dam-
age. One factor which may be relevant in this case
is foam formation which may protect cells from ad-
verse effects of bubble bursting. Kioukia et al. (1992)
showed that Pluronic improved culture performance;
Pluronics are also known to interact with cell mem-
branes which could directly affect cell strength. The
exact mechanism for cell protection by such addi-
tives is still not fully understood, but these additives
are likely to protect cells from direct exposure to the
gas liquid interface when bubble bursting occurs. The
exact effect of protective agents depends on the cell
line, cultivation conditions and medium composition
(Papoutsakis, 1991).

Attempts have been made to correlate surface

properties with protective effects. It is clear that the
static properties e.g. surface tension and bulk viscosity
will not be relevant; dynamic surface tension and sur-
face dilational modulus will be much more important.
Indeed first measurements of dynamic properties in-
dicate that different protective mechanisms may exist
for different shear protection additives (Michaels et al.,
1994).

Handa-Corrigan et al. (1989) and Handa-Corrigan
(1990) considered oxygenation and cell damage, giv-
ing the following recommendations to minimise dam-
age: i) to design stirred tank reactors considering
mixing and oxygen transfer independently (with the
impeller designed to give good mixing but to minimise
bubble disruption and dispersion) ii) to sparge with
very small micron sized bubbles so that stable foams
are formed and iii) to formulate media to contain sur-
face active components which result in stable foams.
Also highlighted was the general lack of understand-
ing of the importance of surface active components
and their exact interfacial effect on foam stability,
protective effect etc. Other researchers have also sug-
gested that small bubbles are beneficial in terms of
minimising cell damage (e.g. Michaels et al., 1996),
however, as discussed below, it is now realised that the
use of micron sized bubbles must be considered care-
fully as larger bubbles and higher gas flow rates may
be needed to tackle another issue; that of removing
dissolved carbon dioxide.

There are still a number of important questions that
need to be answered regarding effect of hydrodynamic
conditions on cell viability. The most important in-
clude: how do fluid mechanical and related stresses
affect cell growth and the cell cycle as opposed to sim-
ply cell death; how do fluid mechanical forces affect
the physiology, product expression, protein synthesis
and other molecular processes of the cells; how do
cells adapt to a high mechanical stress environment;
are shear effects a result of intensity or frequency (or a
combination of shear forces) (Cherry and Papoutsakis,
1990). Also, Bliem and Katinger (1988b) stress the
need to understand micro turbulence if we are to find
correlations between shear and cell damage since as
scale increases superficial velocity and impeller speed
usually increase thus increasing impeller shear and re-
sulting in higher levels of macro turbulence and micro
turbulence.

To summarise, to date, the main conclusions from
research concerned with shear damage of animal cell
cultures are i) many suspension cells particularly hy-
bridomas are not as shear sensitive as first thought
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and can tolerate relatively high levels of agitation;
ii) most cell death is caused by bubble bursting in
stirred vessels; iii) cell death in suspension increases
when turbulence Kolmogorov length scale approaches
the size of cells; iv) there will be other effects of shear
apart from that of cell death and v) the potentially
damaging effects of sparging combined with agitation
leave a limited range of impeller speeds available for
altering mixing.

Pressure

Pressure will affect the solubility of oxygen and car-
bon dioxide, size of gas bubbles and may also effect
cell viability and physiology. There have been very
few detailed studies of the effects of pressure on
animal cell culture. However, Takagi et al. (1995) con-
sidered the effect of hydrostatic head (0.1–0.9 MPa)
on hybridoma cell metabolism and found little effect
on cell growth or specific glucose consumption. Some
changes in conversion rates from glucose to lactate and
glutamine consumption rates were found and the spe-
cific production rate of monoclonal antibody rose by
about 20% in proportion to the pressure increase.

Scale up criteria

There are typically two possible starting points for
scale up: i) scaling up a process for use in an ex-
isting reactor and ii) design of a new fermenter i.e.
developing a fermenter to meet process requirements.

Typically, the following parameters can be held
constant during scale up (Ju and Chase, 1992):

• reactor dimensions,
• kLa,
• shear rate (maximum value),
•P/V,
• volumetric gas flow rate per unit volume of liquid,
• superficial gas velocity,
•mixing time,
• impeller tip speed (for stirred tanks).

Obviously all these parameters cannot be held constant
simultaneously. For example, if geometric similarity
and constant P/V are used, shear rate, mixing time and
impeller tip speed will not all be constant with scale
up. Also superficial gas velocity cannot be maintained
constant with scale simultaneously with gas volumet-
ric flow rate. Generally, geometry is used as a scaling
criteria as is constant mass transfer coefficient. For

microbial systems constant power per unit volume is
usually the third criteria. Constant mixing time is not
a frequently used scaling criteria (partly because it is
not a directly measurable variable). If constant mixing
time is not used as a scaling criteria, mixing time is
likely to increase progressively with scale e.g. if P/V
is used as a scaling criteria. However, kinetic time
constants will remain more or less constant.

Scale Down

It is increasingly being recognised that scale down of
existing processes is important for understanding phe-
nomena seen on the large scale and for considering
process improvements. Sola and Gadia (1995) ex-
plain the importance of regime analysis in this process.
Essentially this involves determination of the rate con-
trolling mechanism so that this can be used as a
scale down variable. In order to determine the rate
controlling mechanism the time constants for, e.g.,
hydrodynamics and mass transfer must be compared.
An example of the outcome of such studies is that in
stirred tanks, under certain conditions, a well mixed
and a less well mixed zone can be identified. An ap-
propriate scale down experiment may be to have two
separate but connected stirred tanks, with different
mixing regimes; to effectively investigate the effect of
cycling through these two regions. This was further
emphasised by Kossen (1995) who pointed out that
in scale down studies, geometric similarity is not nec-
essarily paramount, of greater importance is the need
to realise at the small scale time constants found for
the full scale process. Jem (1989) provides a basic de-
scription of how scale down can be used to optimise
a process for scale up and prevent operational prob-
lems including scale down to consider cell and product
resistance to shear, oxygen utilisation rates, mini-
mum oxygen tolerance and maximum carbon dioxide
tolerance.

Reactor Types

A wide range of reactor types have been suggested in
the literature for animal cell culture including: stirred
tanks, air lift reactors, bubble columns, packed bed
reactors, fluidised beds (e.g. Keller and Dunn, 1994)
and membrane reactors. For very small scale sim-
ple systems, reactors used include roller/shake flasks,
spinner flasks and hollow fibre systems (Kearns (1990)
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give details of smaller scale bioreactors). A number of
small scale hybrid type reactors, containing elements
of e.g. an air lift and a stirred tank have also been
proposed (e.g. Sucker et al., 1994).

Suspension culture is currently regarded as the
preferred scale up method for animal cell culture. At-
tachment systems are likely to be used only when they
are the only option; systems used range from hollow
fibres or glass beads to microcarriers. Inhomogeneities
in particular in solution pH and DOT, are a potential
problem with attached systems (Leist, 1990). A range
of attachment reactors have been described elsewhere;
a detailed consideration being beyond the scope of
this review (e.g. Glacken et al., 1983; Mizrahi, 1989;
Hofman et al., 1989; Karare et al., 1985). Suspension
culture is generally operated in fed-batch mode, but
increasingly with examples of perfusion culture (Mar-
tin et al., 1987; Tolbert et al., 1985; Tokashiki and
Takamatsu, 1993; Peshwa et al., 1993).

Despite the diversity of reactor types and modes of
operation presented in the literature, for large scale op-
eration (>100 L), stirred tank reactors and to a lesser
extent air lift fermenters operated, generally as sus-
pension cultures, in fed batch or perfusion mode are
almost exclusively used for large scale animal cell
culture. Therefore the remainder of this review will
consider stirred tank and air lift reactors only.

Large Scale Stirred Tanks

Large scale stirred tanks are used widely throughout
the chemical and biochemical industry up to scales of
20 000 m3 (for sewage treatment). There is a wealth of
information published in the literature regarding gen-
eral design of stirred tanks, impellers, gas spargers etc.
(e.g. Leng, 1991). Advantages of stirred tanks include
wide scale use and availability albeit for applications
other than animal cell culture and relative flexibility in
terms of volume of culture broth that can be processed
in any one batch (i.e. with one vessel it is possible to
process a number of different size batches).

Design issues

The major design decisions for large scale animal
cell culture in stirred tanks include: impeller speed,
impeller geometry including diameter, clearance of
impeller from base, single or multiple impellers, dis-
tance between impellers; ratio of impeller diameter to
tank diameter; aspect ratio of tank; sparger details; gas

flow rate; position for feeds, alkali, sample points;
position of pH and DO probes; design of base of
tank; design of impeller shaft, type and construction
of motors and seals; design and position of baffles and
temperature control.

Design guidelines developed for microbial fermen-
tations are available for e.g. baffle design, clearance
from base, impeller spacing for more than one im-
peller, geometry of base etc. For example, Reuss
(1995) gives typical dimensions for a microbial fer-
menter at 100 m3 scale and for a range of impellers
(Figure 1). However, these designs were developed for
processes with higher aeration rates and higher power
inputs; typically 1000 W/m3, rather than 10 W/m3

which is more realistic for animal cell cultures. There-
fore these designs are not likely to be optimal for
animal cell cultures.

Overview of hydrodynamics
When designing stirred tanks, it is important to under-
stand the hydrodynamics of these systems. There are
three well defined flow regimes (Figure 2). For con-
stant gas flow rate and increasing speed (N), at speeds
below a certain value (NF), the bubbles rise only in
the middle of the tank (above the impeller) and the
impeller is said to be flooded. As N increases, at a
certain speed NCD, the gas is driven out horizontally
from the impeller. Although there is very little gas
re-circulation below the impeller, the impeller is said
to be loaded. For N>NCD there is good gas circula-
tion throughout the vessel. The same regions occur,
but in reverse, if N is held constant and gas flow rate
increased. There are many flow regime maps and cor-
relations available to predict the transitions between
flow types in terms of e.g. power input per unit vol-
ume (P/V) (e.g. Nienow et al., 1985). It is important
to realise that, for conditions currently used for large
scale animal cell culture gas dispersion will generally
be in the flooding regime.

Impeller choice
An important consideration in stirred tanks is to min-
imise mechanical stress damage. However, it is also
important to minimise mixing times. To achieve these
aims, an impeller with a high flow number (Fl) and
a low power number (NP) should be used; thus max-
imising flow for a given power input (this follows since
for a given value of impeller diameter (D) and speed
(N), mixing time is inversely proportional to Fl, while
power is directly proportional to Np). To maximise
pumping capacity and minimise mixing times, it can
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Figure 1. A typical 100 m3 fermenter for microbial systems (from Reuss 1995 with permission).

also be shown that it is better to use large agitators ag-
itating slowly rather than small agitators agitating fast
(at the same power input). Since, as discussed above,
it is known that for animal cell cultures, tip speed is a
critical parameter, the effect of impeller choice on this
parameter must be considered. Low power number
impellers are generally better at dispersing air effec-
tively and values of aerated power/unaerated power are
greater than for high power number impellers. Much
effort has been focused on impeller design specifi-
cally for use in animal cell cultures. It is generally
accepted that turbine impellers are damaging to many
cell lines so the marine impeller has become the im-
peller of choice. Many modifications of the marine

impeller have been proposed to provide more efficient
mixing at lower impeller tip speeds (Nienow et al.,
1996). A number of high flow, low power number im-
pellers have been developed to provide improved per-
formance; these include Intermig, Lightnin, Prochem
Maxflow and Scaba 6SRGT impellers (Reuss, 1995).
Further details regarding impeller choice and transi-
tions between flow regimes (including effect of scaling
up) are given by Nienow (1990). As the scale of vessel
increases it may become necessary to have multiple
impellers: there are a number of reports of hydrody-
namics of multiple impeller systems (e.g. Whitton,
1988; Nienow, 1990; Cronin and Nienow, 1989). In
particular, Whitton (1988) describes the existence of
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Figure 2. Gas liquid dispersion in an agitated vessel (from Nienow et al. (1985) with permission).

dissolved oxygen gradients in a large vessel (vessel
diameter 0.95 m; vessel height 3.0 m; N = 5.33 rps;
QG = 0.0127 m3 s−1) with 3 disc turbines (a single
disc and twin axial turbines), highlighting a potential
problem of such systems.

Aspect ratio

Another important, but much overlooked, design para-
meter is the aspect ratio for the vessel. Most large scale
stirred vessels used for animal cell culture are either
retrofitted microbial fermenters or are based on geo-
metric designs for such systems and are typically be-
tween 1:1 and 3:1. However, these values are not based
on a fundamental consideration of the effect of aspect
ratio on the various phenomena occurring during an
animal cell fermentation. For animal cell culture there
appears to be an upper limit for the tip speed (albeit
dependent on a particular cell line). Whilst improve-
ments in impeller design are continuing, the existence
of a critical tip speed, imposes a limit on the balance
between impeller diameter and speed (since tip speed
= π N D). As indicated above, animal cell cultures
are typically operated in the flooding regime, where
gas dispersion is poor; it is preferable therefore to
have a wide impeller (relative to the vessel diameter)
to ensure gas is dispersed across the diameter of the

vessel. This then places a restriction on the diameter
of the vessel and may mean that higher aspect ratios
are preferable.

As the height of the vessel increases, the number
of impellers needed is likely to increase; this may lead
to compartmentalisation of the fluid and subsequent
difficulties in pH measurement, control etc. However,
it may be possible to address these problems by adopt-
ing appropriate injection and monitoring strategies.
If scale and height increase significantly, hydrosta-
tic pressure in parts of the fermenter will also in-
crease and this may have implications for cell damage,
physiology or concentration of dissolved gases.

Mixing

Recently, it has become increasingly apparent, that
mixing times in large scale animal cell culture are
significant and may have an adverse effect on the
process. There are a number of accounts of mixing
time measurements in stirred tanks at large scale. Also
Bodenstein numbers have been determined for stirred
vessels as a function of e.g. geometry of vessel and
impeller speed. It has been reported that Bo number
is independent of impeller speed for a given geome-
try and is proportional to the ratio of tank diameter
to impeller diameter (Vonken et al., 1964). Most such
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studies have been for P/V values significantly higher
than those found for animal cells; the exception be-
ing research reported by Nienow et al. (1996), who,
presented data and a correlation for mixing times at
very low power inputs. Nienow et al. (1996) pro-
vided quantitative information for large scale animal
cell culture in an 8000 L fermenter (vessel diameter =
2 m; maximum liquid height = 2.6). Several impellers
were considered including a Rushton turbine (power
number = 5; impeller diameter = 0.44 m) and Intermig
impeller (power number = 0.3; impeller diameter =
0.78 m). An impeller speed of 60 rpm was given for
the Rushton impeller. Some interesting observations
can be made from the data presented by these authors.
Power input which is important for both mixing and
mass transfer in gas/liquid agitated tanks can be calcu-
lated (using P = Np ρ N3 D5) as 82 W giving a power
input per unit volume of = 10 W/m3 (for the Rushton
impeller). This is for liquid flow only. For gas liq-
uid dispersions, power is likely to be approximately =
0.35× power in ungassed system. Therefore P/V will
be closer to 3.5 W/m3 in the large scale aerated ves-
sel. This is an extremely low power dissipation rate.
In fact the sparged air must act rather like a bubble
column since air will not be dispersed effectively. Also
graphs of tip velocity versus gas flow rate indicate that
for conditions likely to be used for stirred tanks, gas
circulation will be incomplete i.e. poor (the impeller
will be flooded). This also has implications for sparger
design; if the impeller does not break up or disperse
the bubbles, sparger design and positioning will need
to be considered in more detail. It would appear from
the data presented that the tip speed at which the fer-
menter was operated was 1.38 ms−1 (calculated from
tip speed =π N D (where N is in revs s−1)). This is
just below the value of 1.5 ms−1, above which it is
generally thought that cell damage may begin. Finally,
Nienow et al. (1996) presented a correlation and lim-
ited data for mixing time; mixing time was typically
100 s (ranging from just greater than 200 s to approx.
70 secs).

Amongst others, Cronin and Nienow (1989) have
shown for agitated vessels that mixing time depends
on position of injection point for addition of, for exam-
ple, alkali for pH control. Cronin and Nienow (1989)
considered a vessel of 0.72 m diameter with an aspect
ratio up to 2:1. The longest mixing times were ob-
tained with addition at or near the surface; whilst the
shortest mixing times were obtained with addition into
the lower circulation loop of the upper impeller (for
dual impeller system), intermediate mixing times be-

ing found for injection at any other point. This strongly
indicates that, if mixing times are to be minimised,
addition should be made into each impeller region.

Mixing must not only be sufficient to provide a
homogeneous environment in terms of pH, dissolved
oxygen concentration etc. but must also keep solids in
suspension. Despite the importance of keeping solids
in suspension; there is no universal scale up rule to
determine the power input required to keep particles in
suspension as a function of suspension properties, tank
size and geometrical conditions (Geisler et al., 1993).

Predictive models which could be used in de-
sign/scale up of bioreactors would be very useful.
There have been some attempts to model mixing in
large scale tanks. For example, Magyr et al. (1994)
developed structured mixing models to predict mix-
ing behaviour in large stirred tank and Reuss (1995)
presented models in which the reactor is compartmen-
talised to allow for various types of fluid circulation
within the reactor. However, despite the extent of
published literature for stirred tank reactors, the de-
velopment of models for large scale systems is con-
strained by the lack of reliable measurements carried
out on large scale vessels with tank diameter>1 m.
This applies particularly to multiple impeller systems
where problems may occur because of poor exchange
of flows between one agitator and another. A model
for oxygen transfer in a production scale bioreactor
has been proposed by Oosterhuis and Kossen (1984).
This model is based on empirical correlations for kLa
for oxygen transfer and uses a structured model for gas
and liquid flow. Local oxygen concentration profiles in
the reactor, local gas phase concentrations and oxygen
transfer capacity are predicted as a function of stirrer
speed and gas flow in a dual impeller stirred tank (vol-
ume = 19 m3). Results indicate that oxygen gradients
often exist, even in non viscous systems, because of
the relatively high overall mixing times of the liquid
phase as compared to the time constant for oxygen
consumption and for oxygen transfer. There has been
little attempt to couple circulation mixing models with
reaction kinetics as has been undertaken for microbial
systems (Bajpai and Reuss, 1982) and which would be
useful for understanding operation at different scales
and in different reactor configurations.

Mass transfer

Correlations for mass transfer for more general sys-
tems are discussed above. There are very few pub-
lished correlations for kLa for oxygen transfer in
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animal cell culture, especially for large scale sys-
tems. Measurements for kLa in small scale systems
have been reported. For example, Lavery and Nienow
(1987) measured oxygen kLa using an unsteady state
technique at impeller speeds ranging from 1.6–5.8 s−1

in a mechanically agitated reactor of 1.5 L, for water,
basal medium, basal medium supplemented with 5%
foetal calf serum and addition of silicone antifoam us-
ing sparged and surface aeration. Moreira et al. (1995)
considered the effect of method of aeration (surface,
sparging and membrane) and power input on mass
transfer, (kLa measured using the dynamic gassing
method) and bubble size (using high speed video) in
animal cell culture media in a 2 dm3 working volume
stirred vessel. Aunins et al. (1989) measured power
inputs and surface oxygen transfer rates in 500 mL
spinner vessels. For application at large scale, data
is very limited. Indeed the only published data is
that of Nienow et al. (1996) who provide values for
kLa, as a function of energy dissipation rates (for
one gas flow rate 6.3× 10−4 m3s−1); for cell culture
medium, values are in the range of 1–10 h−1 (for P/V
of 10–100 W/m3) in an 8000 L fermenter.

Recently, it has become apparent that build up of
dissolved carbon dioxide in culture fluids can have
adverse effects in terms of productivity. Gray et al.
(1996) investigated experimentally the effect of pCO2
in a 10 L perfusion stirred tank reactor with CHO cells
and also from simulations predicted the effect of pCO2
at 500 L scale. They found that productivity was max-
imised when pCO2 was between 30 and 76 mm Hg
and they recommended that bubble sizes should be be-
tween 2–3 mm to ensure an adequate balance between
oxygen mass transfer and carbon dioxide stripping.
This highlights that it is not appropriate to consider
oxygen and carbon dioxide transfer separately. It may
for example be necessary to increase gas flow rate
to achieve the desired value for pCO2 even though
gas flow rates are traditionally kept as low as pos-
sible to minimise shear effects. Additives may then
be necessary to counter any adverse effects on cell
viability.

Previously reported stirred tank fermenter systems for
animal cell culture

There are many descriptions of animal cell cultures in
small stirred tank reactors, which give details of re-
actor design and process conditions (e.g. Leist et al.,
1986; Moreira et al., 1995; Chisti, 1993). However, no
indication is given of the design criteria used for these

vessels or indeed if the designs are optimal. Nelson
(1988b) gives very basic design and scale up for stirred
tank bioreactors giving mass transfer correlations for
small scale systems, with calculation of agitation
rate and power input based on constant Kolmogorov
length scale, to minimise shear effects. Brief details
are also provided for sterile design and containment.
Chisti (1993) describes a 300 L fermenter, scaled up
from 20 L for growth of hybridoma cells giving geo-
metric details including impeller design (one marine
impeller). In particular the suitability of a number of
spargers is discussed. Porous metal spargers (180–
200×10−6 m) are found to produce foams that are
difficult to control. Aeration with larger (>0.001 m)
multi hole spargers is recommended. Backer et al.
(1988) provide details of 150 and 1300 L scale vessels
for monoclonal antibody production. The vessels used
were retrofitted microbial fermenters. Maximum agi-
tation speeds generally used were 140 rpm for 150 L
and 75 rpm for 1300 L vessel; these speeds were not
found to cause cell damage (for a hybridoma cell line).
Agitation and air supply systems were able to provide
aeration for cell concentrations>5× 106 cells mL−1.
For the 150 L vessel it was found that 170 rpm (cor-
responding to a tip speed of 2.03 m s−1) was limiting
and resulted in a reduction in oxygen uptake rate.

Zhou et al. (1996) describe production of recombi-
nant mouse and rat growth hormone by fed-batch for
GS-NSO cell cultures at a range of scales including
150 and 250 L, giving particular attention to balancing
oxygen supply and carbon dioxide removal as scale
increases. There are some details of impeller design
and fermenter internals although there are clear differ-
ences between the 150 and 250 L reactors considered.
There are also differences in cell growth obtained at
150/250 L scale as compared to that at 36 L scale.
Ray et al. (1997) describe an approach to scale up and
then briefly describe the production of a humanised
monoclonal antibody expressed in a GS-NSO cell line
at 2000 L using an agitated vessel in fed batch mode
(also refereed to is previous production at a similar
scale using an air lift fermenter). There are very few
details of reactor design. Junker et al. (1994) use-
fully describe the modification of several microbial
fermenters (75 and 280 L) for animal cell use.

Pullen et al. (1985) and Phillips et al. (1985) re-
ported the use of a 1000 L pilot scale facility, and
production vessels at 2000, 3000, 8000 L capacity
for large scale animal cell culture in agitated vessels
(producing e.g. viral vaccines and human interferon
(gram quantities per batch)). In these reactors, the



190

cell suspension was agitated using impellers driven by
indirect magnetic drives (eliminates possibility of con-
tamination associated with a direct shaft drive). Re-
dox, pH, stirrer speed and temperature were recorded
and controlled. For redox control, pre filtered air was
introduced into the cell suspension. For pH control,
CO2 was added to lower pH and sodium carbonate to
raise pH. In the production vessel, cells were main-
tained in repeated batch culture for as long as possible,
normally for many months; cultures were eventually
lost to a variety of causes e.g. bacterial or fungal,
mechanical failure and operator error. However, little
information for design of such large scale vessels is
provided in the reports by Pullen et al. (1985) and
Phillips et al. (1985). Nienow et al. (1996) also re-
cently provided quantitative mixing and mass transfer
data (discussed in detail above) in a 8000 L fermenter
for cell culture medium.

Scale up criteria

Typical combinations of criteria commonly used for
stirred vessels include (Ju and Chase, 1992):

• geometric similarity, constant kLa and constant
QG/V (N determined from correlation for kLa)
• geometric similarity, constant kLa and constant

maximum shear (constant impeller tip speed) (QG

determined from kLa correlation).
• constant kLa, constant impeller tip speed and con-

stant QG/V.

The problem with the first criteria for animal cell cul-
tures is that impeller tip speed is not controlled and
may therefore be in excess of that known to damage
animal cells. For the second criteria, mixing time is
likely to be much longer for large rather than small
scale processes; this is also the case for the third cri-
teria. If mixing times are to be adequate to achieve
homogeneity and if tip speeds and shear stresses are
to be kept below those known to damage cells, then
a different approach is needed for scaling up animal
cell cultures. The maximum mixing time in terms of
additions must be determined from experiments (using
e.g. scale down techniques); this together with knowl-
edge of the maximum impeller tip speed should be
used as a basis to determine the impeller speed, im-
peller diameter, number of impellers and aspect ratio
(remembering that the ratio of diameter of impeller to
diameter of tank needs to be sufficiently large to en-
sure good gas distribution). Impeller speeds must also

Figure 3. Interdependence of gas flow rate, mixing and mass
transfer in air lift fermenters.

be sufficient to ensure that solids remain in suspen-
sion. Furthermore, oxygen mass transfer rates should
be maintained similar on scale up, if similar oxygen
demands of the cells are to be met (this will depend on
the impeller speed chosen and hence P/V, and on gas
flow rate). This will determine the minimum gas flow
rate needed. However as discussed above higher gas
flow rates may be required to ensure adequate strip-
ping of carbon dioxide. Consideration of the issues
outlined above is likely to lead to higher aspect ratio
tanks with multiple impellers. As described above, this
may lead to compartmentalisation of flow and there-
fore strategies for addition of nutrients and control
agents (e.g. pH) need to be considered carefully e.g.
addition to points other than at the surface will be
required.

Large Scale Air Lift Fermenters

Air lift reactors have been widely used in, for exam-
ple, chemical reactions, fermentation and biological
waste treatment and have been operated successfully
at very large scales. For Pruteen production and indus-
trial waste water treatment air lifts of 1,500 m3 and
17 000 m3, respectively, have been reported.
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Figure 4. Geometric configuration of air lift reactors (A) internal loop with baffle, (B) internal loop reactor with draft tube and (C) external
loop reactor;↑ indicates direction of fluid flow.

In general, advantages quoted for air lift reactors
include: ease of scale up; low energy costs; low shear
characteristics; no moving parts; greater reliability for
sterilisation; high O2 absorption efficiency and readily
quantifiable flow patterns (Merchuk, 1990; Siegel and
Robinson, 1992; Smart, 1984). Power dissipation lev-
els are usually lower for air lifts than for stirred tanks.
This offers an advantage and indeed, consideration of
the enormous power requirements for mechanically
stirred bioreactors first boosted the development of air
lift fermenters (Sola and Godia, 1995). However, this
also means that mixing is likely to be more critical in
such systems (Fields and Slater, 1984).

Design issues

An important feature of an airlift reactor is that mass
transfer and mixing are generally coupled i.e. the gas
flow rate is often set to achieve a specific dissolved
oxygen concentration; this gas flow rate will then
determine the hydrodynamic conditions in the fer-
menter. The interrelationships between liquid velocity
and other process parameters is shown in Figure 3.

Figure 4 shows the two main geometrical configura-
tions for air lift fermenters: internal or external loop
design. The major design decisions for large scale air
lift fermenters will include geometrical configuration
of riser and down comer; aspect ratio; sparger details;
gas flow rate; position for feeds, alkali, sample points;
position of pH and DO probes; design of base of tank
and temperature control.

Overview of hydrodynamics

In internal loop reactors the upflow (riser) and down-
flow (down comer) sections are split either by a verti-
cal baffle (split cylinder) or by a cylindrical (concen-
tric) draught tube, in an external loop reactor the riser
and down comer are two separate cylindrical sections
(see Figure 4). In either case, fluid flow is driven by the
density difference, between fluid in the riser and down
comer, which is a result of gas injection into the riser.
In general, the hydrodynamic characteristics for these
reactors are reported in terms of relationships between
gas throughput, gas hold up and circulation velocity.
For a given configuration, gas flow rate is the only in-
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dependently controllable variable, other variables e.g.
liquid velocity will depend on flow conditions and re-
actor geometry. There have been many detailed studies
of the hydrodynamics of air lift reactors. There are a
wealth of correlations for gas hold up, liquid veloc-
ity and mixing characteristics (Verlaan et al., 1986a,
b; Clark and Flemmer, 1985; Chisti and Moo-Young,
1987; Chisti et al., 1988; Blenke, 1979; Ade Bello
et al., 1985a, b, 1984; Merchuk and Stein, 1981a, b;
Kubota, 1978; Jones, 1985; Merchuk, 1986; Lu et
al., 1994; Orazem et al., 1979; Onken and Weiland,
1983; Merchuk and Siegel, 1988; Kawase, 1994; Hsu
and Dudokovic, 1980; Wu and Jong, 1994). Kubota et
al. (1978) describe the hydrodynamics of the ICI deep
shaft aerator (depth 100–300 m) and a model to simu-
late operation of the aerator which is used to determine
the air flow rate needed to ensure stable liquid circu-
lation. Chisti and Moo Young (1987) give graphs of
superficial gas velocity versus diameter of the column
and indicate conditions for which flow is slug, bubbly
etc. Chisti et al. (1988) considered other researcher’s
data and concluded that liquid circulation is much bet-
ter in external loop air lifts, where there is little gas
entrainment in the down comer (i.e. gas hold up in
the down comer must be taken into account in liquid
velocity predictions). Almost without exception, the
hydrodynamic studies described above, have been car-
ried out using non fermentation solutions. However,
Russell et al. (1994) considered fermentation of yeast
in a 90–250 L concentric tube air lift fermenter and
measured liquid circulation velocity, gas hold up and
liquid mixing as a function of gas flow rate, vessel
height and top section height. Also, hydrodynamics in
single and ten stage tower loop reactors have also been
characterised forE-coli (50 L) (Adler et al., 1983;
Lippert et al., 1983).

Hydrodynamic behaviour will to some extent de-
pend on the configuration of the reactor i.e. external
or internal loop, draught tube or split cylinder. There
have been some comparative studies, for example,
Ade Bello et al. (1984) found that external loop airlift
contactors generated riser linear liquid velocities up
to 3 times higher than those in concentric tube air lift
contactors; however, mixing times were quite similar,
although slightly shorter for the external loop reactor.
A multiple air lift loop reactor has been proposed for
scale up by Bakker (1993, 1995); comparison is made
between a 3 compartment air lift reactor and a conven-
tional internal loop reactor: however such designs have
not been taken up for large scale production. Despite
consideration in the literature of both types of reactor,

to the authors knowledge only internal loop reactors
have been used for animal cell culture; however there
appears to be no real reason for not using external
loop reactors, except perhaps that construction of in-
ternal loop reactors may be slightly simpler and more
flexible.

Internal geometric details
Details of many aspects of air lift design have been
studied. There have been several reviews of the de-
sign of pneumatically driven bioreactors (e.g. Blenke,
1979; Schugerl and Lubbert, 1995), as well as many
more research papers dealing with specific design as-
pects. The importance of the ratio of area of down
comer to area of riser (Ad/Ar) in relation to mixing
times, liquid velocities and mass transfer has also been
reported (Chisti, 1987; Ade Bello et al., 1984; Grif-
fiths, 1988): the general conclusion for internal loop
reactors being that in terms of mixing, the optimum
configuration is to have the draft tube diameter fixed
to give Ad = Ar.

For internal loop reactors, the height of liquid
above the baffle or draught tube has also been shown to
be important. Russell et al. (1994) for a yeast fermen-
tation in a 90–250 L concentric tube air lift fermenter
found that mixing time decreased as height of the
top section increased up to a critical height; this led
to the conclusion that above this critical height there
was a two zone flow pattern in the top section of the
fermenter. This has also been shown in research car-
ried out by the authors. Mixing times (95%) were
determined for a 30 L air lift fermenter with a cen-
tral baffle, for a range of heights of liquid above the
baffle. Mixing time was measured in aqueous solu-
tions: a pulse of potassium hydroxide was injected and
subsequent pH changes were measured. Results are
shown in Figure 5. As the height of liquid above the
baffle increases, mixing time initially decreases and
then passes through a minimum before beginning to
increase (gas flow rates were chosen to provide mixing
times representative of those likely to be found at large
scale>5000 L).

Sparger position and design have also been con-
sidered. Chisti and Young (1987) describe, for an
internal loop reactor, the optimal position for the
sparger as above the base of the baffle. They also con-
sider gas injection into the down comer and higher
up in the riser with the aim of reducing pressure drop
and hence power consumption. A recommendation is
given that the total cross sectional area just below the
baffle should not exceed 1.65 times the down comer
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Figure 5. 95% mixing time a s a function of liquid height above the baffle, for a 30 L air lift reactor with central baffle. Gas injection just above
baffle base, gas flow rate = 0.2 L min−1. Mixing time measured after pulse injection of alkali (KOH): injection onto surface of down comer;
onto surface of riser; just above gas sparger;2 simultaneous injections (i) just above gas sparger and (ii) onto surface of down comer.

cross section. Several possible design improvements
are also considered, for example projecting baffles
and insertion of static mixers (into liquid above draft
tube/baffle). Merchuk and Stein (1981a) considered
the effect of sparger geometry, for a 0.3 m3 external
loop air lift reactor. The two spargers considered were
(i) 0.09 m diameter copper tube bent to form a 0.1 m
diameter ring with 14, 0.025 m diameter holes drilled
in the upper side of the ring (to give an even distri-
bution of gas across the riser) and (ii) single orifice
sparger of 0.09 m diameter. For sparger (i), the gas
hold up increased almost linearly with distance up the
riser, whereas for sparger (ii) gas hold up increased,
reached a maximum and then tailed off. For sparger
(i) with even gas distribution, there was little coales-
cence and there was an increase in gas hold up with
height which was related to bubble expansion as pres-
sure decreased. For sparger (ii) coalescence resulted
in an increase in bubble size and hence rise veloc-
ity, which for high gas hold ups, led to a reduction
in total gas volume. This highlights the importance
of sparger design. However, other researchers have
reported conflicting results e.g. Onken and Weiland
(1983) found that, for their particular sparger, gas hold
up was independent of bubble size at the sparger.

As for stirred tank reactors, base design is also im-
portant and should prevent stagnant zones (Chisti and
Young, 1987; Chudacek, 1984).

Aspect ratio
In designing an air lift reactor, the choice of aspect ra-
tio will always be important. Griffiths (1988) claimed
that increasing height improves mixing time and mass
transfer rates and that aspect ratios between 6:1 and
12:1 are normally used. The choice of aspect ratio will
affect a number of process factors including mixing
time; oxygen transfer rate and hence gas flow rate;
liquid height above the baffle (and how it changes on
additions during the process); carbon dioxide stripping
and possibly cell damage. The effect of aspect ratio
on these factors is discussed below: it is important to
remember that none of these factors are independent.

Mass transfer and mixing
Mass transfer data has been reported for a wide range
of air lift fermenters with different fluid types (e.g.
Kawase, 1995; Stejskal and Potucek, 1985). Russell
et al. (1995) give oxygen mass transfer data for a
yeast fermentation in a concentric tube air lift fer-
menter. Adler et al. (1983) determined oxygen mass
transfer in single and ten stage tower loop reactors for
E-coli. Bakker et al. (1995) determined mass transfer
in a multiple air lift loop reactor for a salt solution
and found values similar to those in a bubble column
Broad et al. (1989) give limited data for oxygen kLa
versus superficial gas velocity for 100 and 1000 L air
lifts and variation of kLa with aspect ratio (from 4–
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12), for hybridoma cells. Attempts have been made
to predict oxygen mass transfer coefficients as a func-
tion of gas hold up (and hence gas superficial velocity
and Ad/Ar) in air lift reactors (e.g. Ade Bello, 1985).
Mass transfer data for hybridoma cells in suspension
in a 30 L air lift fermenter have been determined by
Boraston et al. (1984); the specific respiration rate and
effect of dissolved oxygen on growth and metabolism
were also determined. Further details of mass trans-
fer in air lifts can be found in e.g. Chisti and Moo
Young (1987), Onken and Weiland (1983), Merchuk
and Siegel (1988).

In the literature, relationships between kLa and gas
superficial velocity (gas flow rate/cross sectional area
of the riser) (Usg) have been reported for air lifts and
bubble columns; such relationships are generally of
the following form:

kLaα pUq
sg (8)

where p and q are constants. This implies that for com-
parable volumetric cell densities, kLa should depend
only on Usg. Also, as scale increases, providing similar
volumetric cell densities are achieved similar super-
ficial gas velocities will be needed. Research results
from LONZA Biologics illustrate the above relation-
ship. Figure 6 shows a linear dependence of oxygen
mass transfer coefficient on superficial gas velocity
for two geometrically similar air lift reactors (20 and
2000 L): measurements were made in PBS (phosphate
buffered saline) solutions.

As stated above, for air lift fermenters, mass trans-
fer may be linked to mixing since in general the gas
flow rate is determined by the oxygen uptake rate of
the cells. Additional gas e.g. nitrogen can be used to
increase mixing time; this is likely to have little effect
on oxygen mass transfer (bubble size and rise velocity
may increase, but this and the effect it has will depend
on the absolute value of the gas flow rate).

Mixing characteristics for air lift reactors have
been determined by a number of researchers. For
example, Verlaan et al. (1989) determined the Bo-
denstein number (Bo) for individual sections of an
external loop bioreactor (working volume 165 L). Ver-
laan et al. (1989) found that Bo = 30–40 for the
riser, 40–50 for the down comer and 10 for the gas
disengagement section, indicating that the first two
sections were behaving like plug flow with superim-
posed circulation whilst the gas disengagement section
behaves like a well mixed reactor. Lu et al. (1994)
also determined Bo in an air lift reactor. They found

that for an internal loop air lift reactor the degree
of mixing in the riser was higher than in the down
comer and that the degree of mixing in a two phase
(gas/liquid) system was better than in a three phase
system (gas/liquid/solid). Fields and Slater (1983) also
measured mixing in laboratory air lift reactors using
tracer dispersion techniques.

Mixing times in air lift reactors are typically 3–5
times the circulation time. Mixing times for the gas
and liquid phase may be different and there are reports
that gas phase takes longer to circulate than the liquid
phase (Lubbert et al., 1988).

Chisti and Moo Young (1987) suggested having
multiple injection ports for adding, e.g. substrates,
to avoid substrate starvation at certain points in the
air lift. Fields and Slater (1984) also found that two
injection points, as opposed to a single point, led
to markedly different mixing characteristics. The two
addition points considered were (i) top of riser and di-
rectly below gas engagement section and (ii) the annu-
lar down comer. The method they used was to measure
respiratory quotients for injection of methanol at these
two points; the respiratory quotient being substantially
greater for injection into the riser section. Research by
the authors has also shown that mixing times can be
improved by having two injection points and also that
mixing time depends on position of injection point.
95% Mixing times were measured using pulse addi-
tion of KOH in a 30 L air lift reactor with central baffle
(as described above). Figure 5 shows that mixing times
are shortest when injections are made simultaneously
onto the surface of the down comer and just above
the gas sparging point in the riser. For single point
injections mixing times were lowest for injection into
the riser (just above the gas sparger) and longest for
injection onto the surface of the down comer.

Previously reported air lift fermerter systems for
animal cell culture

The largest published scale for animal cell culture in
air lift reactors is 1000 L (Birch et al., 1995) although
2000 L reactors are routinely operated at LONZA Bi-
ologics, U.K. There are several published reports of
the use of air lift reactors for animal and insect cell
lines (e.g. Boraston et al., 1984; Chung et al., 1993;
Katinger et al., 1979). Katinger et al. (1979) suggested
that air lift reactors should be suitable for animal cell
culture and they carried out hydrodynamic measure-
ments of two internal loop (concentric tube) air lift
fermenters (8 and 80 L) giving results for growth of



195

Figure 6. Oxygen mass transfer coefficient as a function of superficial gas velocity for geometrically similar air lift reactors, for PBS (phosphate
buffered saline) solutions: 20 L reactor; 2000 L reactor.

BHK and Namalwa cells. Data presented in these re-
ports includes mass transfer data, specific respiration
rates and growth profiles for specific cell lines. How-
ever, there has been little consideration of design of
such bioreactors at large scale.

Scale up

Despite a seemingly extensive literature on mixing and
mass transfer in air lifts, it is important to remember
that in most of the studies described above, superficial
gas velocities were well above those used in air lifts for
animal cells. Sola and Gadia (1995) and Choi (1990)
both comment that comparison between literature val-
ues/correlations is difficult due to the large variation in
experimental design of fermenters used in studies of
air lifts and that there are currently no correlations ef-
fective for scale up. However, some recommendations
for scale up can be made based on our understanding
of the important scale up issues.

For air lift fermenters, scale up is generally based
on geometric similarity, constant kLa and either con-
stant superficial gas velocity, constant gas flow rate
per unit volume of liquid or constant mixing time.
For this type of fermenter, if dissolved oxygen level
is used to control the air flow rate and air is the only
gas used, there is an interdependence between mixing

and mass transfer, and therefore it may not be possible
to independently determine a third scaling criteria (i.e.
the criteria of achieving constant kLa will determine
gas flow rate per unit volume of liquid, superficial gas
velocity and hence mixing time). If an additional gas
(e.g. nitrogen) is used, this then allows oxygen mass
transfer and mixing to be uncoupled. This may be
advisable, particularly at large scale, for example, it
may be beneficial to increase the nitrogen flow rate as
cell numbers begin to decline to ensure good mixing
in the later stages of the fermentation. Alternatively,
total flow rate of gas could be held constant throughout
the fermentation, with nitrogen flow varied in response
to changes in air flow. This would ensure a constant
mixing time throughout the fermentation. The choice
of superficial gas velocity or volumetric flow rates of
gas per volume of liquid as scaling criterion will be
important, not only for mass transfer, but also for mix-
ing when using systems without mechanical agitation.
These two criteria cannot be met simultaneously. For
geometrically similar vessels, higher superficial gas
velocity will result at larger scale if gas volumetric
flow rate per volume of liquid is used as a scaling
criteria.

As it is becoming increasingly apparent that it is
important to maintain mixing times at appropriate lev-
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els it is recommended that mixing times should be kept
as constant as possible when scaling up. There are
several ways to reduce mixing times if required, for
example:

a) improve mixing by altering positions of injection
of alkali etc.

b) use multi point instead of single point addition of
alkali etc.
(both these points have been discussed above).

Mixing times are also likely to be reduced to some
extent by reducing the aspect ratio with scale up (i.e.
relaxing geometric similarity). The two major poten-
tial problems with reducing the aspect ratio are that
(i) cell damage has been shown to increase as the gas
flow rate increases, which is a consequence of decreas-
ing the aspect ratio and (ii) radial mixing may become
less effective which may in itself lead to inhomogene-
ity in the reactor. Finally, it is worth emphasising that,
as discussed above, it is important to consider dis-
solved carbon dioxide levels when determining how
gas flow rate will change with increases in scale (in-
creases in gas flow rate are likely to be beneficial in
terms of carbon dioxide stripping).

Bubble Columns

Bubble columns have no zones without bubbles (as
compared to the down comer in an air lift reactor
which generally has few bubbles), but flow is com-
partmentalised (see Figure 7). In general this leads
to poorer mixing in bubble columns as compared to
air lift reactors. Chisti (1987) gives a graph showing
superficial liquid velocity versus superficial gas ve-
locity for air lift loop reactors and bubble columns
(Figure 8). Air lift reactors are shown to provide much
better mixing in terms of superficial liquid velocity
than bubble columns. Wu and Jong (1994) measured
dispersion coefficients for air lift reactors with internal
draft tubes and in a bubble column (13 cm diame-
ter and 200 cm high); dispersion coefficients in air
lift reactors were much higher than those in bubble
columns under the same operating conditions. Verlaan
et al. (1988) emphasised that the air lift reactor con-
cept had evolved from the bubble column and that a
special feature of an air lift reactor is the circulation of
liquid down the down comer which provides efficient
mixing with a controlled liquid flow in the absence of
mechanical agitators. In extreme cases, where flow in

the riser is restricted by e.g. a small down comer, flow
will become less and less like plug flow until flow
in the riser itself becomes compartmentalised, as in
a bubble column. Novel bubble column designs have
been considered, for example, Lu et al. (1995) consid-
ered an inclined bubble column (at 45 degrees from the
vertical). Liquid circulated well and exposure of cells
to bursting bubbles was minimised. At an inclination
of 30 degrees, the antibody titre was almost twice that
for a vertical column as a result of a prolonged sta-
tionary phase. However, this type of reactor does not
seem to have been developed further. As a result of
poorer mixing in bubble columns as compared to air
lift and agitated reactors, bubble columns are not used
for large scale production from animal cell culture,
however, for further information on bubble columns
see review by Merchuk and Niranjan (1994).

Comparisons Between Systems

Applications described in the literature

There are only a very limited number of comparisons
between performance of reactor types, particularly at
large scale or for animal cell cultures. Those compar-
ative studies that are available are mainly restricted to
microbial systems. Gunzel et al. (1991) compared pro-
duction of 1,3-propanediol from glycerol byClostrid-
ium butyricumup to a scale of 2 m3, using a stirred
tank reactor and an air lift fermenter and found no
differences in product formation. On the other hand,
Shin et al. (1994) found for a sisomicin fermentation
(supplemented with MgSO4) that cells were in a better
physiological state and produced improved antibiotic
yields in the air lift reactor. This was thought to be a
result of the high shear stress due to strong agitation
in the stirred fermenter (1.5 L air lift fermenter and
5 L jar fermenters were used in this study). Again
Byun et al. (1994) compared microaerobic production
of 2,3-butanediol byEnterobacter aerogens, at con-
stant oxygen transfer rate in a bubble column, an air
lift reactor and a stirred tank reactor. Although differ-
ences were found at 50 L scale, at 1.5 m3 biomass
and product concentrations were similar. Ohta et al.
(1995) compared neomycin production fromStrepto-
myces fradiaeusing soybean oil as the sole carbon
source in an air lift bioreactor and a stirred tank (3 L
air lift, 5 L stirred tank) and found that the final prod-
uct concentration in the air lift reactor was less than
one half that in the stirred tank (the consumption of
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Figure 7. Flow patterns in a) an air lift fermenter with central draft tube and b) a bubble column (from Chisti and Moo-Young (1987) with
permission).

soy bean oil was also significantly less in the air lift
reactor). It was concluded that the soy bean oil con-
sumption was suppressed in the air lift reactor due to
a low degree of mixing. Also, in this case, shear stress
due to mechanical agitation caused changes in mor-
phology of mycelia and this was found to beneficially
affect neomycin levels. Rice et al. (1993) compared
large scale Sf9 insect cell growth and protein pro-
duction in a stirred vessel and an air lift reactor: no
differences in cell growth or protein expression were
apparent between the two systems (8 L stirred tank,
6 L air lift fermenter).

Moo Young and Chisti (1988) considered biore-
actors for a shear sensitive system: production of a
biopolymeric material produced byAcetobacter(also
being viscous/viscoelastic). They considered a stirred
tank, airlift (draught tube) and a hybrid reactor. The
stirred tank had a high shear environment and mixing
was poor (due to gas channelling and stagnant zones
away from the impeller) The airlift reactor provided
low shear but poor circulation and hence poor mix-
ing for the highly viscous liquid. The hybrid reactor
provided gentle agitation which enhanced mixing, but
kept shear rates low (1000 L vessel with H/D = 3,
Ad/Ar = 1 and the draught tube split vertically into
3 sections to ensure that increased H/D did not impair
mixing). kLa performance was similar (as a function of
P/V) for all three reactors as were aeration capacities
and biomass productivities. The quality of biopolymer
produced in the hybrid reactor was superior to that in
other reactors. They also compared single cell protein
production and found that an air lift reactor, under

otherwise identical conditions, performed better than
a stirred tank (50 L: agitated tank with 2 impellers).

Comparative data for air lift and agitated reactors is
very limited and generally confined to microbial sys-
tems which are not directly relevant as it is well known
that for the higher mixing rates needed in microbial
systems air lifts are not ideal.

Scale up

It is clear that several issues are very important in
terms of scale up:

i) shear rates,
ii) mass transfer of oxygen and carbon dioxide,
iii) mixing (gas, liquid and solid phases),
iv) mode of operation,
iv) scale up experience,
vi) flexibility.

Constraints imposed by these factors mean that similar
approaches may need to be taken for design of both air
lift and stirred tank reactors at large scale. Agitation
rates are limited for stirred tanks meaning that higher
aspect ratio tanks are more favourable to achieve ad-
equate mixing; geometries will be more similar to air
lifts than is the case for microbial systems. Gas flow
rates in both systems must be sufficient to prevent
build up of carbon dioxide and this may lead to similar
gas flow rates in both reactor types. For both reactor
types, despite consistent worries about increasing the
risk of contamination by having multipoint injection,
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Figure 8. Operating ranges of gas and liquid velocities in bubble column and air lift reactors (from Chisti and Moo-Young (1987) with
permission). ULr = superficial liquid velocity in the riser, Usg = superficial gas velocity.

careful thought needs to be given to strategies for ad-
dition of alkalis, nutrients etc. It is likely that stirred
tank reactors may offer more flexibility in terms of op-
eration in perfusion mode, particularly with respect to
incorporation of certain cell separation devices such as
spinning filters. It seems feasible that provided these
issues are considered, both stirred tanks and air lift re-
actors could be operated at levels significantly greater
than those currently used industrially.

Mechanisms to Improve Productivity

Above, scale up of reactors is discussed as a means to
increase product output, another approach is of course
to improve productivities at current scales. There are
a number of possible ways to increase productivity;
these range from changes in reactor design, process
conditions and addition or removal of compounds and
include increasing biomass and specific productivity
by for example nutrient supplementation or a reduc-
tion in toxic metabolites; addition of enhancers or
selection of high producing cell lines (Broad et al.,
1989). Many environmental factors including pH, tem-
perature and dissolved oxygen are known to affect
productivity and can therefore be manipulated to max-
imise productivity (Reuveny and Lazar, 1989; Wayte
et al., 1997). Over the past few years there has been

increasing interest in the effect of other parameters in-
cluding osmolarity and use of osmoprotective agents
(Oyaas et al., 1989; Schlaeger and Schumpp, 1989;
Reddy and Miller, 1994; Ozturk and Palsson, 1991;
Park and Lee, 1995; Kurano et al., 1990a; Oh et
al., 1993; Oh et al., 1995; Oyaas et al., 1994) and
lactate and, ammonia concentrations (Borys et al.,
1994; Schlaeger and Schumpp, 1989; Ozturk et al.,
1992; Ozturk and Palsson., 1991a, b; Miller et al.,
1988; Kurano et al., 1990b), addition of glutamine
(Flickinger et al., 1992) and sodium butyrate (Oh et
al., 1993) on cell growth and productivity. Chang et al.
(1995a, b) reported improved cell growth and antibody
productivities for hybridoma cultures through nutrient
enrichment and in-situ waste removal using electric
fields. An improved understanding of these effects
should allow optimisation of productivity in terms of
these parameters, however this is not discussed further
as it is outside the scope of this review paper.

Other Issues Related to Scale Up

As well as those issues discussed in detail above, there
are a number of other issues which need to be con-
sidered when scaling up animal cell culture. As scale
increases the number of fermenters in a given train
increases and hence the generation number in the final
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fermenter and the potential to select undesired vari-
ants, will increase. Also important for scale up is the
choice of method for temperature control, methods
for harvesting, materials of construction, and issues
related to monitoring control and cleaning (fouling,
equipment reuse etc. (Reisman, 1993; Hu and Peshwa,
1991)).

If anti foams were not routinely used, foaming
would be encountered in most animal cell fermen-
tations. Proteins which are surface active are gen-
erally believed to be the cause of foam formation,
however, many other components e.g. lipids can con-
tribute to foam formation and stability. Foaming can
occur even at quite low levels of protein and, in-
deed, even in protein free media; protein secreted by
cells may reach 500 mg L−1 which is sufficient to
cause foaming, especially if gas sparging is used to
control pH and DO (Bliem and Katinger, 1988b). An-
tifoam addition is common but is known to affect mass
transfer and can also cause problems in subsequent
downstream processing and may cause denaturation of
some medium components. Foaming can be reduced
by using pure oxygen in place of air which effectively
reduces the total gas flow reaching the surface of the
reactor (however this may not be feasible for reac-
tors in which gas injection provides not only oxygen
but also mixing requirements). The role of foams in
cell damage is not yet understood: foams may pro-
tect cells from high shear rates associated with bubble
bursting, but the cells may be damaged on prolonged
adsorption to the gas liquid interface in the foam. It is
currently not possible to predict the effect of scale up
on foaming. Foaming will be affected by changes in
gas flow rate, bubble size distribution, area of liquid
surface/volume of liquid ratio, bubble residence times
and liquid velocity/turbulence at the surface. All these
factors must be considered during the scale up process.

Conclusions

Despite the recent increase in the number of feasi-
ble methods for producing recombinant proteins, the
quantities of products and time scales of requirement
mean that animal cell culture will be needed for the
foreseeable future and indeed production via this route
is likely to increase. A variety of approaches will be
used to meet this demand. Undoubtedly there will be
much continued effort aimed at achieving higher pro-
ductivity on current scales through improved cell line
development and media design coupled with an im-

proved understanding of the physiological response of
cells to changes in media composition.

It is inevitable however, that production will have
to move to larger scale fermenters; the costs of simply
operating larger numbers of smaller fermenters being
prohibitive for this option. It is also likely that batch
freely suspended cultures, either stirred tank or air
lift reactors will continue to be used, although devel-
opments in high density perfusion cultures are likely
to continue and may provide an attractive alternative
mode of reactor operation.

Within the published literature it is now accepted
that even the largest scales currently operated (approx.
10 000 L) do not operate optimally as a result of our
inadequate understanding of key issues related to scale
up of these particular cells. The crucial process en-
gineering aspects which must be considered on scale
up are mixing, mass transfer (particularly oxygen and
carbon dioxide) and shear effects: these will not be
independent and an understanding of the effect of each
on cell physiology is paramount.

In terms of shear, it is now generally accepted that
(i) many suspension cells particularly hybridomas are
not as shear sensitive as first thought and can tolerate
relatively high levels of agitation; (ii) most cell death
is caused by bubble bursting in stirred vessels; (iii) cell
death associated with bubbles is largely overcome by
the use of protective polymers; (iv) shear will have
effects other than simply cell death and (v) there is
a critical impeller speed (albeit cell line dependent)
as a result of the damaging effects of sparging com-
bined with agitation. There are however, several areas
which still need to be addressed including the effect of
shear on cell growth, physiology, product expression
and protein synthesis; improved understanding of the
mechanisms by which cells adapt to a high mechani-
cal stress environment and whether shear effects are a
result of intensity or frequency of shear.

It is also clear that the importance of scaling on
mixing time has been underestimated particularly at
large scale. If inhomogeneities exist within the fer-
menter, cells will be exposed to fluctuations in e.g.
pH, DOT, and dissolved carbon dioxide concentra-
tion. Since mixing time generally increases with scale,
while kinetic time constants generally remain constant
it is essential if we are to achieve successful scale up
that we determine the relevant kinetic time constants
and compare these to mixing times. Here scale down
must play an increasing role, with geometric similarity
being relaxed. Despite the fact that design guidelines
developed for microbial fermentations were developed
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for processes with significantly higher aeration rates
and higher power inputs than those used for animal
cell cultures, such guidelines continue to be used; but
are likely to be far from optimal.

For large scale animal cell culture in stirred tanks
the most important parameters are likely to be impeller
design, number of impellers, sparger design and as-
pect ratio. Many modifications of the marine impeller
have been proposed to provide more efficient mixing
at lower impeller tip speed, as it is now accepted that
tip speed has a critical effect in terms of shear. This
limit on impeller speed leads to a balance between im-
peller diameter and speed and hence, if there is to be
a reasonable value of ratio of tank diameter/impeller
diameter, to a limit on tank diameter, which in turn
results in the need to consider multiple impellers and
higher aspect ratios.

The aspect ratio of vessels used for animal cell
culture is a much overlooked design parameter: it gen-
erally lying between 1:1 and 3:1, as for microbial
vessels. These values are not based on a fundamen-
tal consideration of the effect of aspect ratio on the
various phenomenon occurring during an animal cell
fermentation and are not necessarily optimal. It may
be necessary to move to taller vessels, due to the
restriction on impeller and hence tank diameter (as
mentioned above). However, there are disadvantages
of taller columns including an increase in the number
of impellers needed which may lead to compartmen-
talisation of the fluid and subsequent difficulties in pH
measurement, control etc. However, it is already ac-
knowledged that such problems exist at current scales
and there is therefore a need to change current injec-
tion and sampling strategies. Firstly since the longest
mixing times are found for addition at or near the sur-
face and the shortest mixing times for addition into
the most turbulent region; addition points should be
modified accordingly if mixing is it be optimal, and
also for multiple impeller fermenters additions should
be made into each impeller region, if mixing times are
to be minimised

For air lift fermenters, if dissolved oxygen level is
used to control the air flow rate, which is generally the
case, there is an interdependence between mixing and
mass transfer. To date, the approach to mass transfer
in animal cell cultures has been very empirical and
there has certainly been little attempt to consider mass
transfer and mixing in an integrated manner; this needs
to be addressed if optimal designs are to be achieved
particularly for this type of reactor. This has impor-
tant implications for operation of air lift fermenters

since gas flow rates generally vary depending on the
stage of the fermentation: it may be more appropriate
to decouple mixing and mass transfer by for example
having constant gas flow rates (determined by mixing
time requirement), with the nitrogen flow rate adjusted
in line with air flow rates to maintain overall gas flow
rate constant. Mixing times for additions of alkalis,
feeds etc. can also be improved in air lift fermenters
by making additions to the most turbulent region rather
than the surface of the fermenter, as discussed above
for stirred tanks.

It is difficult to compare stirred and air lift fer-
menter systems but it should be remembered that ani-
mal cell cultures in stirred tanks are typically operated
in the flooding regime, where gas dispersion is poor;
therefore it is unlikely that differences in mixing are
as great for animal cell culture as have been shown for
microbial fermenters operating at much higher energy
inputs.

There has been little attempt to couple circulation
mixing models with reaction kinetics as has been un-
dertaken for microbial systems and this has to be an
area for future development. The use of for example
computational fluid dynamics for prediction of flow
patterns in air lift fermenters has been proposed (Lapin
et al., 1996), and similar approaches have been pro-
posed for stirred tanks. Such models could be very
useful in determining the relevant time scales of mix-
ing at large scale. It may then be possible to test at a
small scale the effect of such mixing times on phys-
iology of the cells. It will only be through coupling
of engineering variables to physiological response of
the cells and appropriate scale down experiments that
successful scale up will be achieved.
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Notation

a interfacial area per unit volume of
liquid

m−1

Ad area of downcomer m

Ar area of riser m

Bo Bodenstein number

D tank diameter m

D1 axial diffusivity m2s−1

db bubble diameter m

dvs Sauter mean diameter =
∑

ni d3
i /
∑

ni di2 (for ni bubbles of diameter di)
m

do orifice diameter m

C dissolved gas concentration kg m−3

C∗ saturation gas concentration kg m−3

F gas flow rate m3 s−1

Fl Flow number = QG/N D3

g acceleration due to gravity m s−2

H reactor height m

kd death rate s−1

kLa overall mass transfer coefficient s−1

L characteristic length m

N impeller speed revs s−1

Np Power number = P/ρ N3 D3

P power W

Pe Peclet number

QG gas volumetric flow rate m3 s−1

v average velocity m s−1

vo gas velocity at the sparger m s−1

V volume m3

T tank diameter m

ULr superficial liquid velocity in the
riser

m s−1

Us, Usg superficial gas velocity m s−1

X′ hypothetical killing volume

σ surface tension Nm−1

ρ density kg m−3

Subscripts

F flooding

CD complete dispersion

References

Ade Bello R, Robinson CW and Moo Young M (1984) Liquid circu-
lation and mixing characteristics of air lift contactors. Canadian
Journal Chemical Engineering 62: 573–577.

Ade Bello R, Robinson CW and Moo Young M (1985a) Predic-
tion of the volumetric mass transfer coefficients in pneumatic
contactors. Chem Eng Sci 40(1): 53–58.

Ade Bello R, Robinson CW and Moo Young M (1985b) Gas hold-
up and overall volumetric transfer coefficient in airlift contactors.
Biotech Bioeng 27: 369–381.

Adler I and Schugerl K (1983) Cultivation ofE-coli in single and
ten-stage tower-loop reactors. Biotech Bioeng 25: 417–436. -c

Al-Rubeai M, Singh MH, Goldman MH and Emery AN (1995)
Death mechanisms of animal cells in conditions of intensive
agitation. Biotech Bioeng 45: 463–472.

Asai T, Sano T and Itoh K (1992) Scale up of fermentation. Biotech
Forum Europe 9(9): 556–550.

Aunins JG, Woodson BA, Hale TK and Wang DIC (1989) Effects
of paddle impeller geometry on power input and mass transfer
in small scale animal cell culture vessels. Biotech Bioeng 34:
1127–1132.

Aunins JG and Henzler HJ (1993) Aeration in cell culture biore-
actors, Chapter 11 In Biotechnology V 3: Bioprocessing,
Stephanopoulos G (Ed) VCH, Weinheim, Germany, pp. 219–
281.

Backer MP, Metzger LS, Slaber PL, Nevitt KL and Boder GB (1988)
Large scale production of monoclonal antibodies in suspension
culture. Biotech Bioeng 32: 993–1000.

Bajpai RK and Reuss M (1982) Coupling of mixing and microbial
kinetics for evaluating the performance of bioreactors. Canadian
Journal Chemical Engineering 60: 384–392.

Bakker WAM, van Can HJL, Tramper, J and de Goijer CD (1993)
Hydrodynamics and mixing in a multiple air lift loop reactor.
Biotech Bioeng 42: 994–1001.

Bakker WAM, den Hertog M, Tramper J and de Gooijer CD (1995)
Oxygen transfer in a multiple air-lift loop reactor Bioprocess
Engineering 12: 167–172.

Birch JR, Bonnerjea J, Flatman S and Vranch S (1995) The pro-
duction of monoclonal antibodies, Chapter 5, In Monoclonal
antibodies, Birch JR and Lennox ES (Eds) Wiley-Liss, New
York, U.S.A., pp. 231–265.

Birch JR, Thompson PW, Lambert K and Boraston R (1985) The
large scale cultivation of hybridoma cells producing monoclonal
antibodies, In Large scale mammalian cell culture, Feder J and
Tolbert WR (Eds) Academic Press Inc, Orlando, pp. 1–16.

Blenke H (1979) Loop reactors, In Advances in Biochemical En-
gineering, Vol. 13, Ghose TK, Fiechter A and Blakebrough N
(Eds) Springer Verlag, New York, U.S.A., pp. 121–214.

Bliem R and Katinger H (1988a) Scale up engineering in animal cell
technology: Part I, Trends in Biotechnology 6: 190–195.

Bliem R and Katinger H (1988b) Scale up engineering in animal
cell technology: Part II, Trends in Biotechnology 6: 224–230.

Boraston R, Thompson PW, Garland S and Birch JR (1984) Growth
and oxygen requirements of antibody producing mouse hy-
bridoma cells in suspension culture. Develop Biol Standard 55:
103–111.

Born C, Zhang Z, Al-Rubeai M and Thomas CR (1992) Estimation
of disruption of animal cells by laminar shear stress. Biotech
Bioeng 40: 1004–1010.

Borys MC, Linzer DIH and Papoutsakis ET (1994) Ammonia af-
fects the glycosylation patterns of recombinant mouse placental
lactogen–I by chinese hamster ovary cells in a pH dependent
manner. Biotech Bioeng 43: 505–514.



202

Broad DF, Brown ME, Grant AP and Wood LA (1989) Scale up of
mammalian call culture, in Advances in Animal Cell Biology and
Technology for Bioprocesses, Spier RE, Griffiths JB, Stephenne
J and Crooy PJ (Eds) pp. 412–415.

Byun TG, Zeng AP and Deckwer WD (1994) Reactor comparison
and scale-up for the microaerobic production of 2,3-butanediol
by enterobacter aerogenesat constant oxygen transfer rate.
Bioprocess Engineering 11: 167–175.

Chalmers JJ (1994) Cells and bubbles in sparged bioreactors.
Cytotechnology 15: 311–320.

Chang YHD, Grodzinsky AJ and Wang DIC (1995) Nutrient en-
richment and in-situ waste removal through electrical means for
hybridoma cultures. Biotech Bioeng 47: 319–326.

Chang YHD, Grodzinsky AJ and Wang DIC (1995) In situ re-
moval of ammonium and lactate through electrical means for
hybridoma cultures. Biotech Bioeng 47: 308–318.

Cherry RS and Papoutsakis ET (1990) Fluid mechanical injury of
cells in bioreactors, Chapter 3, In Animal cell biotechnology, Vol
4, Spier RE and Griffiths JB (Eds), pp. 71–121.

Cherry RS (1993) Animal cells in turbulent fluids – details of
the physical stimulus and the biological response. Biotech Adv
11(2): 279–299.

Chisti Y (1993) Animal cell culture in stirred bioreactors: observa-
tions on scale up. Bioprocess Engineering 9: 191–196.

Chisti MY and Moo Young M (1987) Airlift reactors: characteris-
tics, applications and design considerations. Chem Eng Comm
60: 195–424.

Chisti MY, Halard B and Moo-Young M (1988) Liquid circulation
in airlift reactors, Chem Eng Sci 43(3): 451–457.

Choi PB (1990) Designing airlift loop fermenters. Chem Eng
Progress 86: 32.

Chudacek MW (1984) Does your tank bottom have the right shape,
Chemical Engineering October 1: 79–83.

Chung IS, Taticek RA and Shuler ML (1993) Production of hu-
man alkaline phosphatase, a secreted, glycosylated protein, from
a baciulovirus expression system and the attachment-dependent
cell line trichoplusia ni bti-tn 5b1-4 using a split flow, air lift
bioreactor. Biotechnol Prog 9: 675–678.

Clark NN and Flemmer RL (1985) predicting the hold up in two
phase bubble upflow and downflow using the Zuber and Findlay
drift flux model. AIChE Journal 31(3): 500–503.

Cooney CL (1995) Are we prepared for animal cell technology
in the 21st century? In animal cell technology: developments
towards the 21st century, Beuvery EC, Griffiths JB and Zeijle-
maker WP (Eds) Kluwer, The Netherlands.

Cronin DG and Nienow AW (1989) Mixing studies in a large labora-
tory proto fermenter: Rushton turbines, Proceedings of the Third
NEL Bioreactor Research Symposium Paper No. 1-C, 17–34.

Dorresteijn, de Gooijer, Tramper and Beuvery (1994) A simple
dynamic method for on-line and off-line determination of kLa
during cultivation of animal cells. Biotech Techniques 8(9):
675–680.

Fields PR and Slater NKH (1983) Tracer dispersion in a laboratory
air lift reactor. Chem Eng Sci 38(4): 647–653.

Fields PR and Slater NKH (1984) The influence of fluid mixing
upon respiratory patterns for extended growth of a methylotroph
in an air lift fermenter. Biotech Bioeng 23: 719–726.

Fleischaker RJ and Sinskey A (1981) Oxygen demand and supply
in cell culture. European J Appl Microbiol Biotechnol. 12: 193–
197.

Flickinger MC, Goebel NK, Bibila T and Boyc–Jacino S (1992)
Evidence of post transcriptional stimulation of monoclonal an-
tibody secretion by L-glutamine during slow hybridoma growth.
J Biotechnology 22: 201–226.

Gardner AR, Gainer JL and Kirwan DJ (1990) Effects of stirring
and sparging on cultured hybridoma cells. Biotech Bioeng 35(9):
940–947.

Geisler RK, Buurman C and Mersmann AB (1993) Scale up of the
necessary power input in stirred vessels with suspensions. Chem
Eng Journal 51: 29–39.

Glacken MW, Fleischaker RJ and Sinskey AJ (1983) Mammalian
cell culture: engineering principles and scale-up. Trends in
Biotechnology 1: 102–108.

Gray DR, Chen S, Howarth W, Inlow D and Maiorella (1996)
CO2 in large scale and high density CHO cell perfusion culture.
Cytotechnology 22: 65–78.

Griffiths JB (1988) Overview of cell culture systems and their scale
up, Chapter 7, In Animal cell biotechnology, Vol. 3, Spier RE
and Griffiths JB (Eds) Academic Press, London, 179–220,

Gunzel B, Yonsel S and Deckwer WD (1991) Fermentative produc-
tion of 1,3–propanediol from glycerol byClostridium butyricum
up to a scale of 2 M3. Appl Microbiol Biotechnol 36: 289–294.

Handa-Corrigan A, Emery AN, Spier RE (1989) Effect of gas-liquid
interfaces on growth of suspended mammalian cells: mechanism
of cell damage by bubbles. Enzyme and Microbial Technol 11:
230–235.

Handa-Corrigan A (1990) Oxygenating animal cell cultures: the
remaining problems, Chapter 4, In Animal cell biotechnology
Vol. 4, Spier RE and Griffiths JB (Eds) Academic Press, London,
pp. 123–132.

Hofmann F, Wrasidlo W, de Winter D and Gallagher S (1989)
Fully integrated, compact membrane reactor systems for the
large scale production of monoclonal antibodies, In Advances
in Animal Cell Biology and Technology for Bioprocesses, Spier
RE, Griffiths JB, Stephenne J and Crooy PJ (Eds) pp. 305–310.

Horvarth BE (1989) Mammalian cell culture scale-up: is bigger
better? Bio/Technology 7: 468–469.

Hsu YC and Dudukovic MP, 1980, Gas hold up and liquid recircu-
lation in gas–lift reactors. Chem Eng Sci 35: 135–141.

Hu WS, Meier J and Wang DIC (1986) Use of surface aerator to
improve oxygen transfer in cell culture. Biotech Bioeng 28: 122–
125.

Hu W and Peshwa M (1991) Animal cell bioreactors- recent
advances and challenges to scale up. Can J Chem Eng 69: 409.

Jem KW (1989) Scale down techniques for fermentation, Pharma-
ceutical Technology International, May/June, 60–65.

Jobses I, Martens D and Tramper J (1991) Lethal events during gas
sparging in animal cell culture. Biotech Bioeng 37(5): 484–490.

Jones AG (1985) Liquid circulation in a draft tube bubble column.
Chem Eng Sci 40(3): 449–462.

Ju L-K and Chase GG (1992) Improved scale up strategies of
bioreactors. Bioprocess Engineering 8: 49–53.

Junker BH, Hunt G, Burgess B, Aunins J and Buckland BC (1994)
Modified microbial fermenter performance in animal cell culture
and its implications for flexible fermenter design. Bioprocess
Engineering 11: 57–63.

Katinger HWD, Scheirer W and Kromer E (1979) Bubble col-
umn reactor for mass propagation of animal cells in suspension
culture. Ger Chem Eng 2: 31–38.

Kawase Y (1995) Design and scale up of external loop airlift
bioreactor, In Advances in Bioprocess Engineering, Galindo
E and Ramirez OT (Eds) Kluwer Academic Publishers, The
Netherlands, pp. 13–19.

Kearns M (1990) Integrated design for mammalian cell culture.
Bio/Technology 8: 409–413.

Keller J and Dunn IJ (1995) A fluidized bed reactor for cultiva-
tion of animal cells, In Advances in Bioprocess Engineering,



203

Galindo E and Ramirez OT (Eds) Kluwer Academic Publishers,
The Netherlands, pp. 115–121.

Kioukia N, Nienow AW, Emery AN and Al-Rubeai M (1992) The
impact of fluid dynamics on the biological performance of free
suspension animal cell culture: Further studies. Trans I Chem E,
70 C 143–148.

Kossen NWF (1995) Scale-up, In Advances in bioprocess engi-
neering, Galindo E and Ramirez OT (Eds) Kluwer Academic
Publishers, The Netherlands, pp. 53–65.

Kubota H, Hosono Y and Fujie K (1978) Characteristic evaluations
of ICI air lift type deep shaft aerator. J Chem Eng Japan 11(4):
319–325.

Kunas KT and Papoutsakis (1990) Damage mechanisms of sus-
pended animal cells in agitated bioreactors with and without
bubble entrainment. Biotech Bioeng 36(5): 476–483.

Kurano N, Leist C, Messi F, Kurano S and Fiechter A (1990) Growth
behaviour of chinese hamster ovary cells in a compact loop biore-
actor. 2 Effects of medium components and waste products. J
Biotechnology 15: 113–128.

Lapin A, Paaschen T and Lubbert A (1996) A mechanistic approach
to bioreactor fluid dynamics, Fronteras en Biotecnologia Bioin-
genieria, Sociedad Mexicana de Biotecnologia Bioingeneiria,
Galindo E (Ed) pp. 179–196.

Lavery M and Nienow AW (1987) Oxygen transfer in animal cell
culture medium. Biotech Bioeng 30: 368–373.

Leist CH, Meyer HP and Fiechter A (1990) Potential problems of
animal cells in suspension culture. J Biotechnology 15: 1–46.

Leist C, Meyer HP and Fiechter A (1986) process control dur-
ing the suspension culture of a human melanoma cell line in a
mechanically stirred loop reactor. J Biotechnology 4: 235–246.

Leng, DE (1991) Succeed at scale up. Chem Eng Progress 6: 23–31.
Lippert J, Adler I, Meyer HD, Lubbert A and Schugerl K (1983)

Characterisation of the two–phase systems in airlift tower-loop
bioreactors during cultivation ofE-coli. Biotech Bioeng 25: 437–
450.

Lu GZ, Thompson BG, Suresh MR and Gray MR (1995) Cultivation
of hybridoma cells in an inclined bioreactor. Biotech Bioeng 45:
176–186.

Lu WJ, Hwang SJ and Chang CM (1994) Liquid mixing in internal
loop airlift reactors. Ind Eng Chem Res 33: 2180–2186.

Lubbert A, Frolich S, Larson B and Schugerl K (1988) Fluid dynam-
ics in airlift loop bioreactors as measured during real cultivation
processes, paper H1, In BHRA 2nd International Conference
on Bioreactor Fluid Dynamics, R King (Ed) Elsevier Applied
Science, Oxford, pp. 379–393.

Machon V, Pacek AW and Nienow AW (1997) Bubble sizes in elec-
trolyte and alcohol solutions in a turbulent stirred vessel. Trans I
Chem E 75A: 339–348.

Martin N, Brennen A, Denome L and Shaevitz (1987) High produc-
tivity in mammalian cell culture. Bio/Technology 5: 838–840.

Mayr B, Nagy E, Horvat P and Moser A (1994) Scale up on basis
of structured mixing models: a new concept. Biotech Bioeng 43:
195–206.

Merchuk and Niranjan (1994) Why use bubble column bioreactors.
TIBTECH 12: 501–511.

Merchuk JC (1986) Gas hold-up and liquid velocity in a two
dimensional air lift reactor. Chem Eng Sci 41(1): 11–16.

Merchuk JC (1990) Why use air-lift bioreactors? TIBTECH 8: 66–
71.

Merchuk JC and Siegel MH (1988) Air-lift reactors in chemical and
biological technology. J Chem Tech Biotechnol 41: 105–120.

Merchuk JC and Stein Y (1981a) Local gas hold up and liquid
velocity in air lift reactors. AIChEJ 27(3): 377–388.

Merchuk JC and Stein Y (1981b) A distributed parameter model
for an airlift fermentor, effects of pressure. Biotech Bioeng 23:
1309–1324.

Michaels J, Mallik AK, Nowak JE, Wasan DT and Papoutsakis
ET (1994) Dynamic interfacial tension and rheological prop-
erties of cell culture medium with shear protectant additives,
In Animal Cell Technology: Products of Today, Prospects
for Tomorrow, Spier RE, Griffiths JB and Berthold W (Eds)
Butterworth-Heinemann Ltd, Oxford, pp. 389–391.

Miller WM, Wilkie CR and Blanch HW (1988) Transient re-
sponses of hybridoma cells to lactate and ammonia pulse and
step changes in continuous culture. Bioprocess Engineering 3:
113–122.

Monahan PB and Holtzapple MT (1993) Oxygen transfer in a pulse
bioreactor. Biotech Bioeng 42: 724–728.

Moo Young and Chisti (1988) Considerations for designing bioreac-
tors for shear sensitive culture. Bio/Technology Nov, 1291–1296.

Moreira JL, Cruz PE, Santana PC and Feliciano AS (1995) Influ-
ence of power input and aeration method on mass transfer in a
laboratory animal cell culture vessel. J Chem Tech Biotechnol
62: 118–131.

Nelson KL (1988a) Industrial scale mammalian cell culture part I:
bioreactor design considerations. Biopharm Manufact, Feb, 42–
46.

Nelson KL (1988b) Industrial scale mammalian cell culture part II:
design and scale up. Biopharm Manufact, Feb, 47–55.

Nienow A (1990) Gas dispersion performance in fermenter opera-
tion. Chem Eng Prog 86(2): 61–71.

Nienow AW, Warmoeskerken MMCG, Smith JM and Konno M
(1985) On the flooding/loading transition and the complete dis-
persal condition in aerated vessels agitated by a Rushton tur-
bine, 5th European Conference on Mixing, BHRA, Cranfield,
143–154.

Nienow AW, Langheinrich C, Stevenson NC, Emery AN, Clayton
TM and Slater NKH (1996) Homogenisation and oxygen transfer
rates in large agitated and sparged animal cell bioreactors: Some
implications for growth and production. Cytotechnology 22: 87–
94.

Oh SKW, Vig P, Chua F, Teo WK and Yap MGS (1993) Substantial
overproduction of antibodies by applying osmotic pressure and
sodium butyrate. Biotech Bioeng 42: 601–610.

Oh SKW, Chua FKF and Choo ABH (1995) Intracellular responses
of productive hybridomas subjected to high osmotic pressure.
Biotech Bioeng 46: 525–535.

Ohta N, Park YS, Yahiro K and Okabe M (1995) Comparison
of neomycin production fromstreptomyces fradiaecultivation
using soybean oil as the sole carbon source in an air lift biore-
actor and a stirred tank. J Fermentation Bioengineering 79(5):
443–448.

Oosterhuis NMG and Kossen NWF (1984) Dissolved oxygen con-
centration profiles in a production scale bioreactor. Biotech
Bioeng 26: 546–550.

Onken U and Weiland P (1983) Airlift fermenters: construction,
behaviour and uses. Advances in Biotechnological Processes 1:
67–95.

Orazem ME, Fan LT and Erickson LE (1979) Bubble flow in the
downflow section of an airlift tower. Biotech Bioeng 21: 1579–
1606.

Oyaas K, Ellingsen TE, Dyrset N and Levine DW (1994) Utilisa-
tion of osmoprotective compounds by hybridoma cells exposed
to hyperosmotic stress. Biotech Bioeng 43: 77–89.

Oyaas K, Berg TM, Bakke O and Levine DW (1989) Hybridoma
growth and antibody production under conditions of hyperos-
motic stress, In Advances in Animal Cell Biology and Tech-



204

nology for Bioprocesses, Spier RE, Griffiths JB, Stephenne
J and Crooy PJ (Eds) Butterworths, Sevenoaks, Kent U.K.,
pp. 212–220.

Ozturk S and Palsson B (1991) Growth, metabolic and antibody
production kinetics of hybridoma cell culture I Analysis of data
from controlled batch reactors. Biotechnol Prog 7: 471–480.

Ozturk SS, Riley MR and Palsson BO (1992) Effects of ammo-
nia and lactate on hybridoma growth, metabolism and antibody
production. Biotech Bioeng 39: 418–431.

Ozturk SS and Palsson BO (1991a) Effect of medium osmolar-
ity on hybridoma growth, metabolism and antibody production.
Biotech Bioeng 37: 989–993.

Ozturk SS and Palsson BO (1991b) Growth, metabolic, and anti-
body production kinetics of hybridoma cell culture: 1. analysis of
data from controlled batch reactors. Biotechnol Prog 7: 471–480.

Papoutsakis TE and Kunas KT (1989) Hydrodynamic effects of
cultured hybridoma cells CRL 8018 in an agitated bioreactor,
In Advances in animal cell biology and technology for bio-
processes, Spier RE, Griffiths JB, Stephenne J and Crooy PJ
(Eds) Butterworths, Sevenoaks, Kent, U.K., pp. 203–211.

Papoutsakis ET (1991) Media additives for protecting freely sus-
pended animal cells against agitation and aeration damage.
Trends in Biotechnology 9: 316–397.

Park SY and Lee GM (1995) Enhancement of monoclonal anti-
body production by immobilised hybridoma cell culture with
hyperosmolar medium. Biotech Bioeng 48: 699–705.

Parthasarathy R, Jameson GJ and Ahmed N (1991) Bubble break
up in stirred vessels-predicting the Sauter mean diameter. Trans
I Chem E 69A: 295–301.

Peshwa MV, Kyung Y-S, McClure DB and Hu W-S (1993) Culti-
vation of mammalian cells as aggregates in bioreactors: effect of
calcium concentration on spatial distribution of viability. Biotech
Bioeng 41: 179–187.

Phillips AW, Ball GD, Fantes KH, Finter NB and Johnson MD
(1985) Experience in the cultivation of mammalian cells on the
8000 L scale, In Large scale mammalian cell culture, Feder J and
Tolbert WR (Eds) Academic Press Inc, Orlando, pp. 87–95.

Pullen KF, Johnson MD, Phillips AW, Ball GD and Finter NB
(1984) Very large scale suspension cultures of mammalian cells.
Develop Biol Standard 60: 175–177.

Ray NG, Rivera R, Gupta R and Mueller D (1997) Large scale
production of humanised monoclonal antibody expresses in a
GS-NSO cell line, In Animal Cell Technology, MJT Carrondo
et al. (Eds) Kluwer Academic Publishers, The Netherlands,
pp. 235–241.

Reddy S and Miller WM (1994) Effects of abrupt and gradual os-
motic stress on antibody production and content in hybridoma
cells that differ in production kinetics. Biotechnol Prog 10:
165–173.

Reisman HB (1993) Problems in scale up of biotechnology pro-
duction processes. Critical Reviews in Biotechnology 13(3):
195–253.

Reuss M (1995) Stirred tank bioreactors, In Bioreactor system de-
sign, Asenjo JA and Merchuk JC (Eds) Marcel Dekker, New
York, pp. 207–255.

Reuss M (1993) Oxygen transfer and mixing: scale up implications,
Chapter 10, In Biotechnology V 3: Bioprocessing, Stephanopou-
los G (Ed) VCH, Weinheim, Germany, pp. 186–217.

Reuveny S and Lazar A (1989) Equipment and procedures for
production of monoclonal antibodies in culture. In Monoclonal
antibodies and applications Vol 11, Liss AR (Ed) pp. 45–80.

Rice JW, Rankl NB, Gurganus TM, Marr CM, Barna JB, Walters,
MM and Burns DJ (1993) A comparison of large scale Sf9 in-

sect cell growth and protein production: stirred vessel vs airlift.
BioTechniques 15(6): 1052–1059.

Royce PNC and Thornhill NF (1991) Estimation of dissolved car-
bon dioxide concentrations in aerobic fermentations. AICh EJ
37(11): 1680–1686.

Russell AB, Thomas CR and Lilly MD (1994) The influence
of vessel height and top section size on the hydrodynamics
characteristics of air lift fermenters. Biotech Bioeng 43: 69–76.

Russell AB, Thomas CR and Lilly MD (1995) Oxygen transfer
measurements during yeast fermentations in a pilot scale airlift
fermenter. Bioprocess Engineering 12: 71–79.

Schlaeger EJ and Schumpp B (1989) Studies on mammalian cell
growth in suspension culture, In Advances in Animal Cell Bi-
ology and Technology for Bioprocesses, Spier RE, Griffiths JB,
Stephenne J and Crooy PJ (Eds) Butterworths, Sevenoaks, Kent,
U.K., pp. 386–396.

Schugerl K and Lubbert A (1995) Pneumatically driven bioreactors,
In Bioreactor system design, Asenjo JA and Merchuk JC (Eds)
Marcel Dekker, New York, pp. 257–303.

Siegel MH and Robinson CW (1992) Applications of airlift gas-
liquid solid reactors in biotechnology. Chem Eng Sci 47(13/14):
3215–3229.

Shin CS, Kim SY and Ju JY (1994) Characteristics of sisomicin
fermentation supplemented with MgSO4 in stirred and air lift
fermenters. Biotechnology Letters 16(3): 251–256.

Smart NJ (1984) Gas lift fermenters: theory and practice, Labora-
tory Practice, July, 9–14.

Smith JM and Davison SW (1990) Development of a strategy to
control the dissolved concentrations of oxygen and carbon diox-
ide at constant shear in a plant cell bioreactor. Biotech Bioeng
35: 1088–1101.

Sola C and Godia F (1995) Scale up, In Bioreactor system design,
Asenjo JA and Merchuk JC (Eds) Marcel Dekker, New York,
pp. 511–552.

Stejskal J and Potucek F (1985) Oxygen transfer in liquids. Biotech
Bioeng 27: 503–508.

Sucker HG, Jordan M, Eppenberger HM and Widmer F (1994)
Bubble bed reactor: a reactor design to minimise the damage of
bubble aeration on animal cells. Biotech Bioeng 44: 1246–1254.

Takagi M, Ohara K-I and Yoshida T (1995) Effect of hydrosta-
tic pressure on hybridoma cell metabolism. J Fermentation and
Bioengineering 80(6): 619–621.

Tokashiki M and Takamatsu H (1993) Perfusion culture apparatus
for suspended mammalian cells. Cytotechnology 13: 149–159.

Tolbert WR, Lewis C, White PJ and Feder J (1985) Perfusion cul-
ture systems for production of mammalian cell biomolecules, In
Large scale mammalian cell culture, Feder J and Tolbert WR
(Eds) Academic Press Inc, Orlando, pp. 97–119.

Tramper J, Smit D, Straatman J and Vlak JM (1987) Bubble column
design for growth of fragile insect cells. Bioprocess Engineering
2: 37–41.

Tramper J, de Gooijer KD and Vlak JM (1993) Scale up consid-
erations and bioreactor development for animal cell cultivation.
Insect Cell Culture Engineering: Bioprocess Technology 17:
139–177.

Tramper J (1995) Oxygen gradients in animal cell bioreactors, In
animal cell technology: developments towards the 21st century,
Beuvery EC, Griffiths JB and Zeijlemaker WP (Eds) Kluwer
Academic Publishers, The Netherlands, pp. 883–891.

Trinh K, Garciabriones M, Hink F and Chalmers JJ (1994) Quantifi-
cation of damage to suspended insect cells as a result of bubble
rupture. Biotech Bioeng 43(1): 37–45.

Van Brunt J (1988) How big is big enough. Bio/Technology 6(5):
480–485.



205

Van der Pol LA, Beeksma I and Tramper J (1995) Polyethylene
glycol as protectant against damage caused by sparging for hy-
bridoma suspension cells in a bubble column. Enzyme Microb
Technol 17: 401–407.

Van der Pol L, Bakker WAM and Tramper J (1992) Effect of low
serum concentrations on growth, production and shear sensitivity
of hybridoma cells. Biotech Bioeng 40(1): 179–180.

Van der Pol L, Bonarius D, Vandewouw G and Tramper J (1993) Ef-
fect of silicone antifoam on shear sensitivity of hybridoma cells
in sparged cultures. Biotech Progress 9(5): 504–509.

Verlaan P, Tramper J and Van’t Riet (1986) A hydrodynamic model
for an airlift loop bioreactor with external loop. Chem Eng
Journal 33: B43–B53.

Verlaan P, Tramper J, van’t Riet K and Luyben KChAM (1986)
Hydrodynamics and axial dispersion in an air lift loop bioreac-
tor with two and three phase flow. Proc International Conf on
Bioreactor Fluid Dynamics BHRA Fluid Engineering, paper 7:
93–107.

Verlaan P, Van Ejis AMM, Tramper J, van’t Riet K and Luyben
KChAM (1989) Estimation of axial dispersion in individual sec-
tions of an airlift loop reactor. Chem Eng Sci 44(5): 1139–1146.

Verlaan P, Vos JC and van’t Riet K (1988) From bubble column
to air lift loop reactor: hydrodynamics and axial dispersion of
the transition flow regime, paper F1, In BHRA 2nd International
Conference on Bioreactor Fluid Dynamics, R King (Ed) Elsevier
Applied Science, Oxford, pp. 259–275.

Voncken RM, Holmes DB and Den Hartog HW (1964) Fluid flow
in turbine stirred, baffled tanks II: dispersion during circulation.
Chem Eng Sci 19: 209–213.

Votruba J and Sobotka M (1992) Physiological similarity and
bioreactor scale up. Folia Microbiol 37(5): 331–345.

Wang Y-D and Mann R (1992) Partial segregation in stirred batch
reactors. Trans IChemE 70A: 283–290.

Wayte J, Boraston R, Bland H, Varley J and Brown M (1997) pH:
Effects on growth and productivity of cell lines producing mono-
clonal antibodies: control in large scale fermenters. The Genetic
Engineer and Biotechnologist 17(2–3): 125–132.

Werner RG (1994) Potential and efficiency in the biotechnical
process, Pharmaceutical Technology Europe, May, pp. 20–28.

Werner R, Walz F, Noe W and Konrad A (1992) Safety and eco-
nomic aspects of continuous mammalian cell culture. J Biotech-
nol 22: 51–68.

Whitton M (1988) Power and mass transfer studies in a tall vessel
equipped with three impellers, paper D1 BHRA 2nd Interna-
tional Conference on Bioreactor Fluid Dynamics, King R (Ed)
Elsevier Applied Science, Oxford, pp. 135–158.

Wu W-T and Jong J-Z (1994) Liquid phase dispersion in an airlift
reactor with a net draft tube. Bioprocess Eng 11: 43–47.

Yang JD and Wang NS (1992) Cell inactivation in the presence of
sparging and mechanical agitation. Biotech Bioeng 40(7): 806–
816.

Zhang S, Handa–Corrigan A and Spier RE (1992) Oxygen trans-
fer properties of bubbles in animal cell culture media. Biotech
Bioeng 40: 252–259.

Zhang, Al-Rubeai and Thomas (1993) Comparison of fragility of
several animal cell lines. Biotech Techniques 7(3): 177–182.

Zhang ZB and Thomas CR (1993) Micromanipulation – a new
approach to studying animal cell damage in bioreactors. The
Genetic Engineer and Biotechnologist 13(1): 19–29.

Zhou W, Bibila T, Glazonitsky K, Montalvo J, Chan C, Di Stefano
D, Munshi S, Robinson D, Buckland B and Aunins J (1996)
Large scale production of recombinant mouse and rat growth
hormone by fed-batch GS-NSO cell cultures. Cytotechnology
22: 239–250.

Address for correspondence:J. Varley, Biotechnology and Bio-
chemical Engineering Group, Reading University, Whiteknigths,
PO Box 226, Reading, U.K.


